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Abstract 
 
 
As industrial fermentation processes mostly focus on producing high target 
concentrations of biocatalysts or pharmaceutical ingredients, it is important to 
investigate cell growth under high cell-density conditions. Thus, in this work different 
recombinant microorganisms (bacteria and yeast strains) were basically cultivated in a 
pressurized, pilot-scale bioreactor to high cell density. Focussing on high biomass 
concentrations, empirical (batch mode and fed-batch mode) and model-based process 
strategies (fed-batch mode) were investigated. Furthermore, in one case product 
concentration (pDNA-vaccine) conducted under pressurized conditions was directly 
compared to a non-pressurized process strategy (using oxygen-enriched air). Moreover, 
the highest ever shown process values for conventional online measurement techniques 
(capacitance and respiration activity) could be pointed out, validating viability of the 
microbial cultures during aerobic bioprocesses. Here, linear biomass / capacitance 
correlations up to biomass concentrations of 180 gL-1 and oxygen transfer rates up to 1 
molL-1h-1 were reached. For batch and fed-batch processes it could be shown that 
increasing the head-space pressure in stirred bioreactors can be a practicable approach 
to provide the oxygen demand of extremely high cell-density cultures. Consequently, 
for reaching unusual high amounts of biomass or product, process strategies for high 
cell-density under increased head-space pressure could lead to a minimized bioreactor 
capacity utilization or minimized bioreactor size. 
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Kurzfassung 
 
 
Da die meisten industriellen Fermentationsprozesse heutzutage darauf fockussieren, 
hohe Endkonzentrationen an Biokatalysatoren oder pharmazeutischen Wirkstoffen  zu 
erreichen, ist es von entscheidender Bedeutung mikrobielles Wachstum unter dem 
Gesichtspunkt der Hochzelldichte zu untersuchen. Aus diesem Grund werden in der 
vorliegenden Arbeit verschiedene Versuche mit rekombinanten Mikroorganismen 
(Bakterien und Hefen) vorgestellt, die grundsätzlich alle in einem mit bis zu 10 bar 
Überdruck beaufschlagbaren Pilot-Bioreaktor durchgeführt wurden. Mit dem Ziel hohe 
Biomassekonzentrationen zu erreichen, wurden sowohl empirische Daten in Form von 
Batch- und Fed-Batch-Fermentationen als auch modell-gestützte Fed-Batch-
Versuchsreihen untersucht. Desweiteren wurden Produktkonzentrationsverläufe 
(pDNA-Vakzin) aus Hochzelldichte-Fermentationen verglichen, die einerseits mit 
erhöhtem Reaktorkopfdruck und andereseits drucklos mit Sauerstoff angereicheter 
Zuluft erreicht wurden. Parallel zu diesen Fermentationsergebnissen konnten die bisher 
höchsten Werte mit konventioneller, Online-Messtechnik (Kapazität und 
Atmungsaktivität) generiert werden, die gleichzeitig für den Nachweis einer jeweilig 
viabilen, mikrobiellen Kultur im laufenden Bioprozess herangezogen werden konnten. 
Konkret konnten hier lineare Korrelationen zwischen Biomasse und Kapazität bis zu 
einer Biotrockenmasse von 180 gL-1 und Sauerstofftransferraten von bis zu 1 molL-1h-1 
aufgezeigt werden. Weiterhin konnte in dieser Arbeit herausgearbeitet werden, dass der 
Sauerstoffbedarf von extremen Hochzelldichte-Fermentationen sowohl in Batch- als 
auch in Fed-Batch-Prozessen mit einem stetigen Steigern des Reaktorkopfdrucks bis zu 
10 bar Überdruck in einem gerührten Bioreaktor gedeckt werden kann. Deshalb kann 
diese Prozessstrategie zukünftig dazu führen, unüblich hohe Konzentrationen an 
Biomasse und / oder –produkt zu erreichen, was wiederum zu einer verringerten 
Bioreaktorauslastung und / oder zu einer verringerten Bioreaktorgröße führen könnte. 
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Figures 
 
Fig. 1.1:  Scheme of pressure fermentor. OTR: calculation of oxygen transfer rate; 
O2: oxygen exhaust gas measurement; CO2: carbon dioxide exhaust gas 
measurement; pressure: pressure measurement and controller; weight: 
weight measurement; SR: measurement of stirring rate and controller; 
torque: torque measurement; flow: aeration air flow controller; DOT: 
DOT measurement; temperature: temperature measurement and 
controller; pH: pH measurement and controller. 
 
Fig. 1.2:  Comparison of batch cultivations of E. coli K12 W3110 and E. coli 
VH33 in minimal medium with identical initial glucose concentration (45 
gL-1): (A) dry cell weight, OTR; (B) glucose and acetate concentration 
measured with HPLC; fermentation conditions: temperature 37 °C, initial 
liquid volume 25.2 L, pH 7 ± 0.1, stirring rate 500 rpm, superficial gas 
velocity 0.00298 ms−1; maximal overpressure at the end of the 
fermentation using E.coli W3110 3.0 bar, using E.coli VH33 2.0 bar; 
DOT exceed 30% air saturation during the whole fermentation time. 
 
Fig. 1.3:  Batch cultivations of E. coli VH33 in minimal medium with different 
initial glucose concentrations (45 gL-1, 90 gL-1, 130 gL-1): (A) dry cell 
weight; (B) OTR; (C) overpressure; (D) glucose concentration; (E) 
acetate concentration; error bars represent the standard deviation of two 
different and independent detection procedures (HPLC; UV); (F) amount 
of added NH4OH (25%) for pH titration; fermentation conditions: 
temperature 37 °C, initial liquid volume 25.2 L, pH 7 ± 0.1, stirring rate 
500 rpm , superficial gas velocity 0.00298 ms−1, DOT exceed 30% air 
saturation during the whole fermentation time. 
 
Fig. 1.4:  Comparison of biomass yield (YX/S) and maximal specific growth rate 
(µmax) for high cell density processes in batch mode of E.coli W3110 
with an initial glucose concentration of 45 gL-1 and E.coli VH33 with 
different initial glucose concentrations (45 gL-1, 90 gL-1, 130 gL-1). 
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Fig. 2.1: Schematic diagramm of specific productivity qP as function of specific 
growth rate µ in Escherichia coli fed-batch fermentations. 
 
Fig. 2.2:  (A) Simulated results for substrate concentration and biomass 
concentration and for (B) the specific growth rate (horizontal dashed line 
represents µ set) as function of time. The simulation is based on the model 
equations for an open-loop, exponentially increasing feeding profile by 
varying the parameter for the biomass yield (YX/S) in the feeding 
algorithm (magenta, dashed lines represent simulation with the correct 
biological value). Model parameter for batch phase: initial substrate 
concentration 10 gL−1, initial biomass concentration 0.75 gL−1,  biomass 
yield 0.6 gg−1, maximal specific growth rate 0.18 h-1, reactor filling 
volume at beginning of batch phase 20 L, Monod-constant for subtrate 
0.01 gL-1; parameter for the calculation of the feed rate: concentration of 
biomass at beginning of fed-batch phase 5.0 gL−1, maintenance 
coefficient for substrate 0.02 gg-1h-1, concentration of substrate in feed 
solution 850 gL−1, density of feed solution 1230 gL-1, setpoint of specific 
growth rate 0.15 h−1, time at the beginning of the fed-batch phase 12 h. 
 
Fig. 2.3:  (A) Simulated results for substrate concentration and biomass 
concentration and for (B) the specific growth rate (horizontal dashed line 
represents µ set) as function of time. The simulation is based on the model 
equations for an open-loop, exponentially increasing feeding profile by 
varying the parameter for the maintenance coefficient for substrate  (mS) 
in the feeding algorithm (blue, dashed lines represent simulation with the 
correct biological value). Model parameter are specified in the caption of 
Fig. 2.1. 
 
Fig. 2.4:  (A) Simulated results for substrate concentration and biomass 
concentration and for (B) specific growth rate (horizontal dashed line 
represents µ set) as function of time. The simulation is based on the model 
equations for an open-loop, exponentially increasing feeding profile by 
varying the parameter for the concentration of biomass at beginning of 
fed-batch (cXF) in the feeding algorithm (magenta, dashed lines represent 
simulation with the correct biological value). Model parameter are 
specified in the caption of Fig. 2.1. 
 
Fig. 2.5:  (A) Simulated results for substrate concentration and biomass 
concentration and for (B) specific growth rate (horizontal dashed line 
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represents µ set) as function of time. The simulation is based on the model 
equations for an open-loop, exponentially increasing feeding profile by 
varying the parameter for the time (tF) initiating the fed-batch (magenta, 
dashed lines represent simulation with ideal switch when cSB = 0). Model 
parameter are specified in the caption of Fig. 2.1. 
 
Fig. 2.6:  Comparison between a model-based and an empirical dataset of an E.coli 
fed-batch fermentation using glycerol as C-source. To compare the 
model-based and the empirical datasets, the same initial conditions for an 
open-loop, exponentially increasing feeding profile were applied (Table 
1). Here, however, an earlier time to initiate the fed-batch (tF = 12 h  tF 
= 11.4 h) was chosen. 
 
Fig. 2.7:  (A) Sensitivity plot of the prolonged time in which the C-source is not 
limited at the beginning of a model-based, fed-batch fermentation using 
an exponentially increasing feeding profile as a function of the incorrect 
selection of the respective parameter cXF; YX/S; tF; mS and (B) the 
prolonged time to reach µ set at the beginning of a model-based, fed-batch 
fermentation using an exponentially increasing feeding profile as a 
function of the incorrect selection of the respective parameter cXF; YX/S; 
tF. 
 
Fig. 3.1:  High cell-density cultivation of E.coli VH33 in minimal medium with 
glucose as C-source: (A) dry cell weight concentration, ∆C (capacitance 
increment); (B) OTR, overpressure, kLa value (inlay); (C) absolute dry 
cell weight (open squares) and a curve fitted with µexp = 0.172 h-1, 
amount of added NH4OH solution (25%) for pH titration; initial glucose 
concentration 5 gL−1, superficial gas velocity 0.00179 ms−1, temperature 
37 °C, pH 7.0 ± 0.1, constant stirrer speed of 500 rpm, DOT was above 
30% air saturation during the whole fermentation time, parameter for the 
calculation of the feed rate, according to Eq. 1: reactor filling volume at 
beginning of fed-batch 15.2 L, concentration of biomass at beginning of 
fed-batch 4.4 gL−1, biomass yield 0.44 gg−1, concentration of glucose in 
feed solution 650 gL−1, density of feed solution 1210 gL-1, setpoint of 
specific growth rate 0.17 h−1 
 
Fig. 3.2:  High cell-density cultivation of E.coli VH33 in minimal medium with 
glycerol as C-source: (A) dry cell weight concentration, ∆C (capacitance 
increment); (B) OTR, overpressure, kLa value (inlay); (C) absolute dry 
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cell weight (open squares) and a curve fitted with µexp = 0.170 h-1, 
amount of added NH4OH (25%) for pH titration; initial glycerol 
concentration 5 gL−1, superficial gas velocity 0.00179 ms−1, temperature 
37 °C, pH 7.0 ± 0.1, constant stirrer speed of 650 rpm, DOT was above 
30% air saturation during the whole fermentation time, parameter for the 
calculation of the feed rate: reactor filling volume at beginning of fed-
batch 15.2 L, concentration of biomass at beginning of fed-batch 4.0 
gL−1, biomass yield 0.48 gg−1, concentration of glucose in feed solution 
870 gL−1, density of feed solution 1230 gL-1, setpoint of specific growth 
rate 0.17 h−1 
 
Fig. 3.3:  Correlation between ∆C (capacitance increment) and dry cell weight 
concentration of E.coli VH33 in minimal medium with a glucose and a 
glycerol feed 
 
Fig. 4.1:  High cell density cultivation of A. adeninivorans ScFvBa11 in modified 
SYN6 medium, (A) dry cell weight, ∆C (capacitance increment), (B) 
OTR, overpressure, (C) abs. dry cell weight (open squares) and a curve 
fitted with µ; glucose as C-source, initial glucose concentration 27.5 
gL−1, superficial gas velocity 0.0036 ms−1, temperature 30 °C, pH 6.0 ± 
0.1, constant stirrer speed of 600 rpm, parameter for the calculation of the 
feed rate: reactor filling volume at beginning of fed batch 15.2 L, 
concentration of biomass at beginning of fed batch 18.75 gL−1, biomass 
yield 0.5 gg−1, concentration of substrate in feed solution 650 gL−1, 
setpoint of specific growth rate 0.15 h−1, DOT was above 30% air 
saturation during the whole time of the fermentation 
 
Fig. 4.2:   High cell density cultivation of A. adeninivorans ScFvBa11 in modified 
SYN6 medium, (A) relative salt concentration of the ions PO43- (cinit = 64 
mmolL−1), SO42- (cinit = 141 mmolL−1), NH4+ (cinit = 215 mmolL−1), K+ 
(cinit = 110 mmolL−1), (B) conductivity and amount of added NH4OH 
(25%) for pH titration 
 
Fig. 4.3:  High cell density cultivation of A. adeninivorans ScFvBa11 in BSM 
medium, (A) dry cell weight, ∆C (capacitance increment), (B) OTR, 
overpressure, (C) abs. dry cell weight (open squares) and a curve fitted 
with µ; glucose as C-source, initial glucose concentration 25 gL−1, 
superficial gas velocity 0.0036 ms−1, temperature 30 °C, pH 6.0 ± 0.1, 
constant stirrer speed of 600 rpm, parameter for the calculation of the 
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feed rate: reactor filling volume at beginning of fed batch 15.2 L, 
concentration of biomass at beginning of fed batch 18.5 gL−1, biomass 
yield 0.5 gg−1, concentration of substrate in feed solution 800 gL−1, 
setpoint of specific growth rate 0.15 h−1, DOT was above 30% air 
saturation during the whole time of the fermentation 
 
Fig. 4.4:  High cell density cultivation of A. adeninivorans ScFvBa11 in BSM 
medium, (A) relative salt concentration of the ions PO43- (cinit = 229 
mmolL−1), SO42- (cinit = 116 mmolL−1), NH4+ (cinit = 288 mmolL−1), K+ 
(cinit = 145 mmolL−1), (B) conductivity and amount of added NH4OH 
(25%) for pH titration 
 
Fig. 4.5:  Correlation between ∆C (capacitance increment) and dry cell weight of 
A. adeninivorans ScFvBa11 in BSM medium 
 
Fig. 5.1:  (A) Time course of biomass and pDNA accumulation, (B) OTR and 
oxygen content of the inlet gas and (C) specific plasmid content (YXP) 
and % of multimeric plasmid  in the small-scale cultivation using 
oxygen-enriched air. Vertical dotted line indicates the transition from 
batch to fed-batch operation. 
 
Fig. 5.2:  (A) Time course of biomass and pDNA accumulation, (B) OTR and 
overpressure in the bioreactor and (C) specific plasmid content (YXP) and 
% of multimeric plasmid in the pilot-scale cultivation using overpressure. 
Vertical dotted line indicates the transition from batch to fed-batch 
operation. 
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Tables 
 
Table 2.1:  Numerical values of simulation parameters 
 
Table 5.1:  Comparison of the main process parameters using oxygen-enriched air or 
overpressure. 
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Nomenclature 
 
Ac-CoA acetyl-CoA 
∆C  increment between capacitance values at low and at high frequencies 
[pFcm-1] 
Cβ  capacitance value at low frequency [pFcm-1] 
C∞  capacitance value at high frequency [pFcm-1] 
cS  concentration of substrate in the fermentation broth [gL-1] 
cSB  concentration of substrate at the beginning of the batch phase [gL-1] 
cSF  concentration of substrate in the feed solution [gL-1] 
cX  concentration of dry biomass [gL-1] 
cXB  concentration of dry biomass at the beginning of the batch phase [gL-1] 
cXF  concentration of dry biomass at the beginning of the fed-batch phase [gL-
1] 
cX,max  maximal concentration of biomass in a fermentation process [gL-1] 
dcw  dry cell weight [gL-1] 
DOT  dissolved oxygen tension [%] 
F  feeding rate [gh-1] 
f  frequency of alternating current [s-1] 
GalP  galactose permease 
GFP  green fluorescence protein 
HCDC  high cell-density cultivation 
kLa  specific mass transfer coefficient [h-1] 
KS  Monod-constant for subtrate consumption [gL-1] 
M  torque [Nm] 
mB  mass loss of base [kg] 
mS  maintenance coefficient for substrate [gg-1 h-1] 
mX  total dry biomass [g] 
mXF  total dry biomass at the beginning of the fed-batch phase [g] 
n  agitation rate [s-1] 
OTR  oxygen transfer rate [mmolL-1h-1] 
OTRmax maximal oxygen transfer rate [mmolL-1h-1] 
P  power input of the stirrer [W] 
PTS  phosphotransferase system 
pR  reactor pressure [bar] 
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qP  specific productivity [gg-1h-1] 
STR  space time yield [gL-1h-1] 
t  time [h] 
tF  time to initiate the fed-batch phase [h] 
VB  volume of base [L] 
GV&   standard gas flow rate [NLmin-1] 
VL   reactor filling volume [L] 
VLB  reactor filling volume at the beginning of the batch phase [L] 
VLF  reactor filling volume at the beginning of the fed-batch phase [L] 
Vmolar   molar gas volume [NL/mol] 
yi  mol fraction of substance i [-] 
YX/N  yield coefficient of biomass per amount of nitrogen [gg-1] 
YX/P  yield coefficient of biomass per amount of product [gg-1] 
YX/S  yield coefficient of biomass per amount of substrate [gg-1] 
 
Greek letters 
µ  specific growth rate [h-1] 
µexp  specific growth rate determined experimentally [h-1] 
µmax  maximal specific growth rate [h-1] 
µ set  setpoint of the specific growth rate [h-1] 
ρB  density of base [kgL-1] 
ρF  density of feed solution [gL-1] 
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Introduction 
 
To yield high concentrations of target protein expressed by genetically modified 
microorganisms, it is important that the bacterial or yeast strains are cultivated to high 
cell density in industrial bioprocesses. Mostly the oxygen demand in high cell density 
cultivation exceeds by far the maximum oxygen transfer capacity of conventional 
bioreactors. However, to create high cell density, the fermentation broth has to be 
supplied with the required amount of oxygen by different procedures. The most 
common way to supply aerobic bacterial or yeast fermentations with sufficient oxygen 
is (i) to increase the specific volumetric power input and/or the concentration of oxygen 
in the supply air [Jenzsch et al., 2004] or (ii) to increase the gas pressure in the 
headspace of the bioreactor [Belo et al., 2003; Knoll et al., 2007]. 
 
Maximizing recombinant protein production with bacterial or yeast cultures often 
requires fed-batch processes. Thus, simple feeding strategies such as constant-rate 
feeding, a stepwise increase in the feeding rate and exponential feeding have been all 
used to obtain high cell densities and high space-time yield. Eiteman and Altman [2006] 
state that typically the growth rate is determined by the feeding rate of the limiting 
nutrient. Industrial fed-batch production often begins with an exponential feeding phase 
of a limiting substrate, most commonly the carbon source (C-source), until the limit of 
bioreactor cooling capacity or adequate oxygen transfer rate is reached [Sanden et al., 
2002]. However, simply maximizing biomass concentration does not always guarantee 
high productivity due to overflow metabolism resulting in acetate accumulation [DeLisa 
et al., 2001]. Acetate is undesirable, because it retards growth even at concentrations as 
low as 0.5 gL-1 [Nakano et al., 1997] and it inhibits protein formation [Jensen and 
Carlsen, 1990; Koh et al., 1992]. Acetate can be produced from various C-sources 
including glucose and glycerol [Nakano et al., 1997], provided that the organisms 
surpass a consumption threshold. Indeed, the production of acetate can be minimized by 
controlling the concentration of these substrates with a growth-limiting substrate 
feeding [Korz et al., 1995; Yee and Blanch, 1992]. 
 
Another way to reduce the overflow metabolism is to knock out one of the complex 
glucose uptake systems, e.g. the phosphotransferase system (PTS) in the genotype 
[Chou et al., 1994; DeAnda et al., 2006]. To sustain the glucose supply after knocking 
out the PTS as the main transport system, De Anda et al. [2006] described bypassing the 
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glucose transport through an enhanced expression of the galactose permease (GalP). 
These modulations were implemented, on a laboratory scale by utilizing the strain E. 
coli VH32GalP+ in batch fermentations in a stirred fermenter with high, initial glucose 
concentration and minimal media supplemented with a complex component (yeast 
extract) [Lara et al., 2008]. As a result, the overflow metabolism was reduced to 
produce high cell concentrations in batch mode without decreasing the maximal specific 
growth rate. With increasing biomass, aerobic fermentation conditions were maintained 
by increasing the stirrer speed and enriching the air with pure oxygen at ambient 
pressure. 
 
In general, online signals are increasingly being utilized to monitor bioprocesses. Such 
online analysis provides information about relevant parameters that control the 
particular fermentation. Here typical parameters to control a fermentation include 
temperature, pH, DOT and agitation rate. To determine biomass concentration only 
offline methods have been applied as yet. Nevertheless, it is possible to measure online 
the biomass via impedance spectroscopy and to measure online the oxygen transfer rate 
(OTR), carbondioxide transfer rate (CTR) and the resulting respiration quotient (RQ). 
Impedance measurements for bacterial and yeast cultivations have already been 
published in the literature for Escherichia coli [Kaiser et al, 2008] Saccharomyces 
cerevisiae [Asami and Yonezawa, 1996; Asami et al., 1998; Krommenhoek et al., 2007] 
and for Arxula adeninivorans [Maskow et al., 2008a,b]. For high cell-density cultivation 
with E. coli and S. cerevisiae in fed-batch mode, impedance data for maximal biomass 
concentration of approximately 60 gL-1 [Kaiser et al., 2008] and approximately 100 
gL−1 (dry cell weight, dcw) [Mas et al., 2001] and 120 gL−1 [Xiong et al., 2008] have 
been cited, respectively. 
 
The use of pDNA as a therapeutic agent is becoming increasingly important. Currently, 
several pDNA-based drugs for use in humans are being clinically evaluated, whereas 
veterinary products are already in the market [Han et. al., 2009]. pDNA is produced by 
aerobic cultivations of Escherichia coli. For achieving high productivities, the typical 
strategy is to attain high cell-densities of E. coli in a bioreactor. However, the amount of 
obtainable biomass is often limited by the maximum oxygen transfer capacity of the 
bioreactor. High OTR values are difficult to achieve, even at small-scale. If aerobic 
conditions are not satisfied, physiological changes of E. coli occur, like fast activation 
of fermentative pathways, which negatively affect process performance [Lara et. al., 
2006, 2009]. A traditional strategy to increase the OTR is to use oxygen-enriched air to 
elevate the partial oxygen pressure and thus, the mass transfer driving force. This 
strategy may be expensive at semi-technical and large-scales, and potentially dangerous 
due to the highly reactive nature of oxygen. An interesting option for increasing the 
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OTR is to increase the total pressure in the bioreactor. Although this technique has been 
applied to E. coli cultivations for recombinant protein production [Knoll et. al., 2007], 
no report exists on the use of cultivations under pressure for the production of pDNA. It 
is known that cultivation conditions can affect the topological characteristics of the 
produced pDNA [O’Kennedy et. al., 2003], which is an important factor for therapeutic 
applications. 
 
In this work different recombinant microorganisms (bacteria and yeast strains) were 
basically cultivated in a pressurized, pilot-scale bioreactor to high cell density. 
Focussing on high biomass concentrations, empirical (batch mode and fed-batch mode) 
and model-based process strategies (fed-batch mode) were investigated. Furthermore, in 
one case product concentration (pDNA-vaccine) conducted under pressurized 
conditions was directly compared to a non-pressurized process strategy (using oxygen-
enriched air). Moreover, conventional online measurement techniques (capacitance and 
respiration activity) were investigated, focussing on viability of the microbial cultures 
during aerobic high cell-density bioprocesses. 
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Chapter 1 
 
High cell-density processes in batch mode of a genetically 
engineered  Escherichia coli strain with minimized overflow 
metabolism using a pressurized bioreactor 
 
1.1 Introduction 
 
In modern biotechnology, high cell-density fermentations of Escherichia coli are 
required to optimize product concentration and space-time yield of various recombinant 
proteins. The main physiological obstacle for high-density growth has been found to be 
acetate accumulation [Shiloach et al., 2005]. Acetate production during aerobic 
fermentation depends on the bacterial strains, growth conditions, C-source supply 
strategy, and growth media [van de Walle et al., 1998]. This problem was dealt with by 
developing sophisticated feeding strategies and/or dialysis protocols, and by adopting 
metabolic engineering approaches [Shiloach et al., 2005].  
 
To minimize the acetate concentration yet guarantee high cell-density, various authors 
[Babaeipour et al., 2006; Kim et al., 2004; Knoll et al., 2007; Lara et al., 2008] have 
used balanced feeding strategies to maintain carbon limitation. Industrial fed-batch 
production often begins with an exponential feeding phase of a limiting substrate, most 
commonly the carbon/energy source, until the limit of reactor cooling capacity or the 
limit of adequate oxygen transfer is reached [Sanden et al., 2002]. 
 
If acetate production is not avoided, high cell-densities can be generated by using 
bioreactors equipped with dialysis techniques that enable low-molecular-mass 
substances, to be dialysed out of the cell broth [Nakano et al., 1997; Pörtner et al., 1998; 
Wong et al., 2009]. To avoid expensive and complicated control schemes and 
supplementary equipment for fed-batch fermentations or dialysis techniques, the 
simpler batch mode can be used as long as overflow metabolism is effectively 
prevented. Thus, for E. coli, different approaches in engineering metabolic pathways 
have been developed to reduce acetate accumulation during cultivation time.  
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As an elaborate metabolic engineering tool to reduce acetate, e.g. Kim et al. [2003] 
employed an antisense-RNA strategy to partially block biosynthesis of two major 
acetate pathway enzymes, phosphotransacetylase and acetate kinase for improving 
product formation. As another approach for reducing acetate, Aristidou et al. [1999] 
pointed out that growth in complex LB media supplemented with fructose resulted in 
higher biomass yields and lower acetate excretion than the comparable glucose media. 
 
Because elevated rates of glucose consumption are linked to acetate formation, a 
promising approach to reduce acetate is to limit the glucose uptake. One way to reduce 
the glucose uptake is to knock out one of the complex uptake systems, e.g. the phospho-
transferase system (PTS) in the genotype [Chou et al., 1994; De Anda et al., 2006]. In 
another study, that also altered the PTS to reduce acetate formation, the specific growth 
rate was reduced while the production of a target protein (β-galactosidase) was not 
affected [Picon et al., 2005]. 
 
To sustain the glucose supply after knocking out the PTS as the main transport system, 
De Anda et al. [2006] described bypassing the glucose transport through an enhanced 
expression of the galactose permease (GalP). These modulations were implemented, on 
a laboratory scale by utilizing the strain E.coli VH32GalP+ in batch fermentations in a 
stirred fermenter with high, initial glucose concentration and minimal media 
supplemented with a complex component (yeast extract) [Lara et al., 2008]. As a result, 
the overflow metabolism was reduced to produce high cell concentrations in batch mode 
without decreasing the maximal specific growth rate. In addition, product formation 
(Green Fluorescence Protein) was followed as function of fermentation time. With 
increasing biomass, aerobic fermentation conditions were maintained by increasing the 
stirrer speed and enriching the air with pure oxygen at ambient pressure.  
 
Unlike Lara et al. [2008], this current study was conducted in a pressurized bioreactor in 
a technical scale [Knoll et al., 2007] with a newly engineered strain E.coli VH33 
cultivated in batch mode with different initial glucose concentrations (of up to  
130 gL-1). Since this E.coli strain does not form any target protein, it served as an ideal 
tool to correlate substrate uptake and the biomass growth without any interference by a 
product. Furthermore, a pure minimal medium was used to exclude any variation in 
complex nutrients, which would lead to irreproducible yield coefficients and growth 
rates. Moreover, without using complex components, foam formation could be 
minimized for highly aerated processes required for high cell density cultivations 
(HCDC). To provide a sufficient oxygen supply for an unlimited growth even at 
increased biomass concentrations, here, the cultures were grown in a stirred tank 
bioreactor, in which the headspace pressure can be increased up to an overpressure of 
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10 bar [Maier et al. 2001; Knoll et al., 2007]. Besides classical offline parameters 
(DCW, glucose, acetate), additional online parameters (Oxygen Transfer Rate, caustic 
consumption, overpressure) were monitored during growth. 
 
1.2 Materials and Methods 
 
1.2.1 Microbial strains 
 
In this study the Escherichia coli K12-derived strains W3110 (ATCC-No.: 27325) and 
VH33 were used. Strain VH33 is a ∆ptsH, ptsI, lacI, lacZ::loxP W3110 derivative that 
lacks PTS activity.  In order for glucose to pass the plasma membrane, the galactose 
permease (GalP) as an alternative uptake mechanism was amplified on a genetic level 
[De Anda et al., 2006]. Unlike the strain VH32GalP+ used in Lara et al. [2008] a 
kanamycin resistance gene inserted for previous genetic modifications has been 
extracted from the chromosome.  
 
1.2.2 Culture Media 
 
For the cultivation of the first preculture, the media TB (Terrific Broth) contained, in 
gL-1: yeast extract (Roth, Karlsruhe, Germany), 24; peptone from casein (Roth, 
Karlsruhe, Germany), 12; KH2PO4, 4.72; K2HPO4, 11.36; glucose, 10. For the second 
preculture, the media PAN-SF contained, in gL-1: KH2PO4, 8.66; K2HPO4, 23.74; triNa-
citrate·2H2O, 1; ZnCl2, 0.1; FeSO4·7H2O, 0.15; (NH4)2SO4, 5; CaCl2·2H2O, 0.02; 
MgSO4·7H2O, 0.3; glucose, 20; PAN trace element solution, 1 mLL-1; thiamine 
solution, 1 mLL-1. For the main culture, the media PAN-F contained, in gL-1: KH2PO4, 
15; triNa-citrate·2H2O, 1.5; ZnCl2, 0.1; FeSO4·7H2O, 0.15; (NH4)2SO4, 5; CaCl2·2H2O, 
0.02; MgSO4·7H2O, 3. The PAN trace element solution contained, in gL-1: 
Al2(SO4)3·18H2O, 2; CoSO4·6H2O, 0.75; CuSO4·5H2O, 2.5; H3BO3, 0.5; MnSO4·H2O, 
24; Na2MoO2·2H2O, 3; NiSO4·3H2O, 2.5; ZnSO4·7H2O, 15; H2SO4 (30%), 2 mLL-1. 
The thiamine solution contained 5 gL-1 thiamine-HCl. 
 
The volume of trace element and thiamine solution in the main culture was increased 
with respect to the initial glucose concentration. Using an initial glucose concentration 
of 45 gL-1 the medium contained 3 mLL-1 trace element solution and 4 mLL-1 thiamine 
solution, for an initial glucose concentration of 90 gL-1 and 130 gL-1 the medium 
contained 4.5 mLL-1 trace element solution and 6 mLL-1 thiamine solution. 
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1.2.3 Cultivation 
 
The organisms were stored in complex medium (TB) with 33% (v/v) glycerol at -80 °C 
before the two preculture steps were begun to inoculate the main culture in the 
bioreactor. All precultures were run in 1000 mL Erlenmeyer shake flasks at shaking 
frequencies of 300 rpm and 50 mm shaking diameter at 37 °C. The applied media and 
shaking conditions were first investigated by using Respiration Activity MOnitoring 
System (RAMOS) [Anderlei et al., 2004] equipped with 250 mL RAMOS shake flasks 
to avoid depletion of the carbon source over the preculture time and to ensure a viable 
broth for inoculating of the main culture. Thereafter, the shaking conditions (filling 
volume, shaking frequency and diameter) were converted from the 250 mL to the 1000 
mL shake flask scale using the method described by Maier et al. [2004]. Associated data 
generated with the RAMOS device are not shown here. 
 
Escherichia coli VH33 was cultivated in the first preculture step in 50 mL TB medium 
for 4 h. In the second preculture step, 1.2 L of PAN-SK medium was inoculated with 
the first preculture and devided among twelve 1000 mL shake flasks for 16 h.  
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Fig. 1.1: Scheme of pressure fermentor. OTR: calculation of oxygen transfer rate; O2: oxygen 
exhaust gas measurement; CO2: carbon dioxide exhaust gas measurement; pressure: pressure 
measurement and controller; weight: weight measurement; SR: measurement of stirring rate and 
controller; torque: torque measurement; flow: aeration air flow controller; DOT: DOT 
measurement; temperature: temperature measurement and controller; pH: pH measurement and 
controller. 
 
According to Fig. 1.1, high cell-density fermentations in the main culture were executed 
in a 50 L stirrer tank bioreactor (LP 351, Bioengineering AG, Wald, Switzerland), 
described in detail in Maier et al. [2001] and in Knoll et al. [2007]. For the increasing 
oxygen demand of the aerobic processes shown here, the headspace pressure of this 
bioreactor could be increased to a maximum total pressure of 11 bar (1.1 MPa). During 
the microbial growth phase, the pressure was increased stepwise to keep the Dissolved 
Oxygen Tension (DOT) above a minimum value of 30% air saturation. In addition the 
aeration rate was increased in parallel to the pressure to maintain the superficial gas 
velocity inside the bioreactor [Knoll et al., 2005] at a value of 0.00298 ms-1. This can be 
compared to a aeration rate of 0.5 vvm at ambient pressure. For all fermentations shown 
in this study, the pH-level was controlled in a range of 7 ± 0.1 by adding 25 % NH4OH. 
During all cultivations, the stirring rate was kept constant at a value of 500 rpm. 
According to Eq. 1.1, the specific volumetric power input was calculated by measuring 
the torque with the help of a sensor placed at the bottom of the shaft (Fig. 1.1).  
 
LL V
nM
V
P pi2
=          (1.1) 
 
1.2.4 Analytical methods 
 
1.2.4.1 Off-line detection of biomass concentration 
 
The biomass concentration was determined as dry cell weight by centrifuging four 
preweighed Eppendorf tubes, each having a filling volume of 2 mL culture broth. After 
centrifugation (18000 x RFC, 10 min, Sigma 1-15 microcentrifuge, Sartorius, 
Germany), the resulting biomass pellets were separated from the supernatant and stored 
at 80 °C until the mass, weighed with an electronic precision balance (SBC 31, Scaltec, 
Göttingen, Germany), remained constant. 
 
 
 
 
                                                                                                                              Page 27 
1.2.4.2 O2 and CO2 measurement in the offgas for the calculation of OTR 
 
The O2 and CO2 concentrations in the offgas (Fig. 1.1) were measured by means of an 
exhaust gas analyzer (Rosemount NGA 2000, Emerson Process Management 
GmbH&Co. OHG, Haan, Germany) applying a paramagnetic analyzer and an infrared 
analyzer, respectively. According to Eq. 1.2, the O2 consumption of the bacteria was 
measured via the Oxygen Transfer Rate (OTR). 
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1.2.4.3 Offline glucose concentration 
 
The concentration of glucose was monitored offline by using a BioProfile 100 Plus 
biochemical analyser (Nova Biomedical, Waltham, USA). 
 
1.2.4.4 Offline acetate concentration  
 
To determine the acetate concentration in the supernatant, two different procedures were 
used. First the supernatant was measured by means of a HPLC with an organic acid 
resin column (CS-Chromatographie, Langerwehe, Germany) using a 5 mM sulfuric acid 
solution as eluent and a refractive index detector and a photodiode array. Second, the 
acetate in the supernatant was determined using an enzyme test kit (Acetic acid, R-
Biopharm, Darmstadt, Germany) based on an equimolar, NADH2+-dependent 
conversion of acetate followed by a photometric UV-detection of NADH2+ at 340 nm 
(Photometer, Uvikon 992A, Kontron Instruments, Italy). 
 
1.2.4.5 Online detection of overpressure 
 
The reactor pressure was detected online using a probe (PR-25HT-10, Bioengineering 
AG, Wald, Switzerland) placed in the lid of the vessel (Fig. 1.1) and controlled via a 
control valve (Research Control Valve, Badger Meter Europe, Beuren, Germany) in the 
exhaust gas line directed from a PI-controller (Bioengineering AG, Wald, Switzerland). 
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1.2.4.6 Online detection of the NH4OH volume 
 
During fermentation, the 25% NH4OH-reservoir was precisely weighed (Fig. 1.1). The 
weight was digitally transferred to a computer that calculated the volume of the 
consumed 25% NH4OH according to Eq. 1.3:  
 
BBB mV ρ⋅=                     (1.3) 
 
 
1.3 Results and discussion 
 
1.3.1 Comparison of batch cultivations with Escherichia coli W3110 
and VH33  
 
According to Fig. 1.2A, both E.coli-strains W3110 and VH33 started to grow with an 
initial dry cell weight of approx. 2 gL-1 and an initial OTR of approx. 5 mmolL-1h-1. 
After an exponential increase, the strain W3110 attained at approx. 9 h fermentation 
time a maximum of the dry cell weight and an OTRmax of 22 gL-1 and 245 mmolL-1h-1, 
respectively. Two hours thereafter the dry cell weight and OTR decreased to 18 gL-1 
and 25 mmolL-1h-1, respectively. The initial glucose concentration of 45 gL-1 decreased 
exponentially to zero, while the acetate concentration increased linearly from 0.25 gL-1 
at the beginning to a maximum of 1.3 gL-1 at a fermentation time of 9.5 h (Fig. 1.2B). 
After that, the produced acetate was totally consumed by W3110 until the fermentation 
ended at 11 h.  
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Fig. 1.2: Comparison of batch cultivations of E. coli K12 W3110 and E. coli VH33 in minimal 
medium with identical initial glucose concentration (45 gL-1): (A) dry cell weight, OTR; (B) 
glucose and acetate concentration measured with HPLC; fermentation conditions: temperature 
37 °C, initial liquid volume 25.2 L, pH 7 ± 0.1, stirring rate 500 rpm, superficial gas velocity 
0.00298 ms−1; maximal overpressure at the end of the fermentation using E.coli W3110 3.0 bar, 
using E.coli VH33 2.0 bar; DOT exceed 30% air saturation during the whole fermentation time. 
 
With respect to the genetically engineered strain VH33, Fig. 1.2A shows that up to 
approx. 13 h fermentation time, the dry cell weight and the OTR increased 
exponentially to maximal values of 22 gL-1 and 155 mmolL-1h-1, respectively. Thereby 
the glucose concentration (Fig. 1.2B) decreased exponentially from the initial 
concentration of 45 gL-1 to almost zero. The acetate concentration decreased from the 
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initial concentration of approx. 0.25 gL-1 to almost zero at 4.5 h fermentation time. This 
exhaustion of acetate was additionally illustrated by a short peak in the OTR at approx. 
4.3 h (Fig. 1.2A). From this time on until the very end of fermentation, no acetate can 
be detected in the supernatant (Fig. 1.2B).  
 
Concerning the lower OTRmax level in the fermentation of VH33, the extended 
fermentation time of approx. 3 h has to be considered. The integral of the respective 
OTR curve shows comparable values (calculation not shown here) at the end of the 
fermentations (for E.coli W3110: 1.45 molL-1; for E.coli VH33: 1.41 molL-1). 
   
Altogether, the strain W3110 depicts a faster growth detected by an earlier increase in 
the dry cell weight and in the OTR (Fig. 1.2A) and an earlier decrease in the glucose 
concentration (Fig. 1.2B). However, upon applying the same experimental conditions 
for both strains, the overflow metabolism of the strain W3110 is significantly 
pronounced, solely because the glucose uptake mechanism has not been modified.   
 
1.3.2 Comparison of batch cultivations of Escherichia coli VH33 with 
different initial glucose concentrations 
 
As shown in Fig. 1.3A-F, three batch cultures of E.coli VH33 were performed with 
different initial glucose concentrations (45 gL-1, 90 gL-1, 130 gL-1). Offline parameters 
such as dry cell weight, glucose and acetate concentration are plotted versus time in Fig. 
1.3A, 1.3D and 1.3E, respectively. Moreover, relevant online parameters such as OTR, 
overpressure and the amount of added NH4OH are shown in Fig. 1.3B, 1.3C and 1.3F, 
respectively. 
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Fig. 1.3: Batch cultivations of E. coli VH33 in minimal medium with different initial glucose 
concentrations (45 gL-1, 90 gL-1, 130 gL-1): (A) dry cell weight; (B) OTR; (C) overpressure; (D) 
glucose concentration; (E) acetate concentration; error bars represent the standard deviation of 
two different and independent detection procedures (HPLC; UV); (F) amount of added NH4OH 
(25%) for pH titration; fermentation conditions: temperature 37 °C, initial liquid volume 25.2 L, 
pH 7 ± 0.1, stirring rate 500 rpm , superficial gas velocity 0.00298 ms−1, DOT exceed 30% air 
saturation during the whole fermentation time. 
 
As shown in Fig. 1.3A, within the first 6 hours, all three curves are congruent at a dry 
cell weight concentration of about 3 gL-1. After 6 hours, the cell growth is faster the 
lower the initial glucose concentration is. After exponential growth, for the increasing 
initial glucose concentrations (45 gL-1, 90 gL-1, 130 gL-1), respective maximal dry cell 
weights of 23 gL-1, 35 gL-1 and 48 gL-1 are mearured at the end of the fermentations. As 
a result, values for space-time yield are calculated at 1.76 gL-1h-1, 1.91 gL-1h-1 and 2.10 
gL-1h-1, respectively. 
 
According to Fig. 1.3B, comparable to the pattern of the dry cell weight, an unlimited, 
exponential growth can also be detected from the OTR curves. As expected, the 
increasing initial glucose concentrations also lead to a delayed increase in respiration 
activity and a higher OTRmax. Finally, OTRmax values of 161 mmolL-1h-1, 317 mmolL-
1h-1 and 451 mmolL-1h-1 were reached. Until now, no references are known that show 
microbial respiration for batch fermentations in this OTR range. To achieve high 
biomass concentrations and microbial respiration under aerobic conditions in this range, 
the respective headspace overpressure had to be increased (Fig. 2.3C). Depending on 
the particular initial glucose concentration (45 gL-1, 90 gL-1, 130 gL-1), this overpressure 
had to be adjusted to maximal values of 2 bar, 3.1 bar and 4.8 bar, respectively. 
 
As shown in Fig. 1.3D, starting at these aforementioned initial glucose concentrations, 
the fermentation time increased from 13 h (45 gL-1), to 18 h (90 gL-1) to 23.5 h (130 gL-
1) until total depletion of the carbon source. Attributed to a high initial substrate 
concentration, analogous to Fig. 1.3A, growth inhibition is observed from the start until 
6 hours of fermentation. This growth inibition lasts longer with increasing initial 
glucose concentration and could be partially attributed to an elevated osmotic pressure 
in high-glucose culture media [Lara et al., 2008]. 
 
The acetate concentration for all three fermentations starts at approx. 0.21 gL-1 (Fig. 
1.3E). Since the PAN medium does not contain any acetate before inoculation (see Sect. 
1.2.2), the initial acetate in the main culture stems from the respective preculture. 
Remarkably, the acetate level of all three fermentations is extremely low ranging from 0 
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and 0.35 gL-1 over the entire cultivation time. To substantiate these results, the error 
bars represent the standard deviation of two different and independent detection 
procedures for acetate (see Sect. 1.2.4.4). The data found in this study, thus, reflects the 
data of Lara et al. [2008] who found a maximum acetate concentration of 2.1 gL-1 using 
an E.coli PTS--strain with an initial glucose concentration of 100 gL-1. Consequently, 
the acetate concentration determined in this current study (0 to 0.35 gL-1) is even lower, 
because the fermentations were conducted in pure minimal medium.  These acetate 
values are well below the inhibitory concentrations reported by Luli and Strohl [1990]. 
 
Fig. 1.3F illustrates that in order to keep the pH constant in the range of 7 ± 0.1, the 
titration with 25% NH4OH starts at different times depending on the initial glucose 
concentration. The online detected amount of added NH4OH also shows an exponential 
increase with respect to time. Final values for ammonia consumption with increasing 
initial glucose concentrations (45 gL-1, 90 gL-1, 130 gL-1) were approx. 520 mL, 870 mL 
and 1160 mL 25 % NH4OH, respectively (Fig. 1.3F). Thus, the yield coefficient YX/N 
was calculated at 5.93 gg-1, 5.61 gg-1, 5.75 gg-1, respectively. Consequently, this 
detection of ammonium consumption is a helpful tool for an online estimation of 
biomass, as it was already cited by Hoffmann et al. [2000] but for high cell-density 
culture of E.coli in fed-batch mode. 
 
1.3.3 Specific power input and kLa value 
 
According to Eq. 1.1, the specific volumetric power input ranges from 3 to 4 kWm-3 
over the entire cultivation time of all fermentations shown in this study. Using a Henry 
coefficient of 909 bar L-1mol-1 for the calculation, the kLa value for all fermentations 
stays at approx. 300 h-1 over the entire fermentation time of all cultures. 
 
1.3.4 Comparison of biomass yield and maximal specific growth rate 
 
Fig. 1.4 compares the parental strain E.coli W3110 with the genetically engineered 
strain E.coli VH33 in fermentations with identical initial glucose concentration. The 
maximal specific growth rate is slightly reduced from 0.31 h-1 to 0.29 h-1. Similar to the 
findings of other authors [Ponce, 1999; Picon et al., 2005; Lara et al., 2008] who also 
genetically modified the E.coli with regard to PTS for glucose uptake, a decrease in the 
maximal specific growth rate was also observed in this study. For E.coli VH33 the 
maximal specific growth rate decreased from 0.22 h-1 to 0.20 h-1 with increasing initial 
glucose concentrations from 90 gL-1 to 130 gL-1, respectively.  
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Fig. 1.4: Comparison of biomass yield (YX/S) and maximal specific growth rate (µmax) for high 
cell density processes in batch mode of E.coli W3110 with an initial glucose concentration of 45 
gL-1 and E.coli VH33 with different initial glucose concentrations (45 gL-1, 90 gL-1, 130 gL-1). 
 
Even though the fermentation time for E.coli VH33 is extended for approx. 3.5 hours 
(Fig. 1.2), the biomass yield for E.coli VH33 increases in direct comparison to the 
biomass yield of E.coli W3110, as depicted in Fig. 1.4. Thus, it can be concluded that 
the maintenance metabolism for E.coli VH33 is reduced throughout the fermentation.  
 
Upon increasing the initial glucose concentration in the fermentations with E.coli 
VH33, µmax and the biomass yield (YX/S) decrease, as seen in Fig. 1.4. This decrease in 
µmax is caused by growth inhibition originating from increasing initial glucose 
concentration and, therefore, an increasing osmotic pressure. As a result of these longer 
cultivation times and, thus, increased maintenance metabolism, the biomass yields 
decrease from 0.50 gg-1 (VH33, initial glucose concentration of 45 gL-1) to 0.38 gg-1 
(VH33, initial glucose concentration of 90 gL-1) and to 0.37 gg-1 (VH33, initial glucose 
concentration of 130 gL-1). These results concur with Picon et al. [2005] who also 
detected biomass yields in the range of 0.38 gg-1 for PTS--strains cultivated in batch 
mode and minimal media.  
 
Compared to other studies using a E.coli PTS--strain, µmax-values here are lower (µmax 
of 0.20 h-1 to 0.29 h-1). This decrease in µmax is attributed to the fact that in this current 
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study, pure minimal media and high initial glucose concentrations were applied. 
However, other authors either used media supplemented with complex components 
(µmax ≈ 0.6 h-1 in Lara et al., 2008) or they applied low initial glucose concentration of 
around 2 gL-1 (µmax ≈ 0.46 h-1 in Picon et al., 2005) that minimize growth inhibition. 
 
1.4 Conclusion 
 
Using the genetically engineered E.coli VH33 for high cell-density fermentations in 
batch mode, the acetate concentration did not exceed values of 0.35 gL-1, even when the 
cultivation was initiated with a glucose concentration of 130 gL-1. Thus, a maximum 
biomass concentration of 48 gL-1 dry cell weight and a maximum space-time yield of 
2.10 gL-1h-1 could be reached.  
 
Upon applying a pressurized bioreactor, fully aerobic conditions at comparatively low 
values for specific power input (3 to 4 kWm-3) could be achieved for different batch 
fermentations over the entire cultivation time. Significantly, all cultivations showed 
unlimited growth until the respective amount of carbon source was completely depleted. 
Consequentially, the OTRmax value (451 mmolL-1h-1) attained in this study, represents, 
to our knowledge, the highest microbial respiration ever detected within a batch 
cultivation. 
 
Ultimately, this approach is a practical alternative to carbon-limited fermentations in 
fed-batch mode. By combining the genetically engineered E.coli strain VH33 with batch 
fermentations under pressurized conditions, the conventional fed-batch strategies are 
superfluous. Neither additional control schemes nor expensive supplementary 
equipment is needed any more. Consequently, the results shown here prove that growth 
of E.coli VH33 is feasible in pure minimal media. Thus, this culture strategy could also 
be valuable for simplified downstream processing.  
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Chapter 2 
 
Parameter sensitivity for optimal open-loop feeding to ensure 
constant specific growth rate in Escherichia coli fermentations 
 
2.1 Introduction 
 
Maximizing recombinant protein production with Escherichia coli cultures often 
requires fed-batch processes. Thus, simple feeding strategies such as constant-rate 
feeding, a stepwise increase in the feeding rate and exponential feeding have been all 
used to obtain high cell densities and high space-time yield. Eiteman and Altman [2006] 
state that typically the growth rate is determined by the feeding rate of the limiting 
nutrient. Industrial fed-batch production often begins with an exponential feeding phase 
of a limiting substrate, most commonly the carbon source (C-source), until the limit of 
bioreactor cooling capacity or adequate oxygen transfer rate is reached [Sanden et al., 
2002]. However, simply maximizing biomass concentration does not always guarantee 
high productivity due to overflow metabolism resulting in acetate accumulation [DeLisa 
et al., 2001]. Acetate is undesirable, because it retards growth even at concentrations as 
low as 0.5 gL-1 [Nakano et al., 1997] and it inhibits protein formation [Jensen and 
Carlsen, 1990; Koh et al., 1992]. Acetate can be produced from various C-sources 
including glucose and glycerol [Nakano et al., 1997], provided that the organisms 
surpass a consumption threshold of a specific growth rate such as 0.14 - 0.17 h-1 
[Eiteman and Altman, 2006] or 0.1 - 0.3 h-1 [Lee, 1996]. Indeed, the production of 
acetate can be minimized by controlling the concentration of these substrates with a 
growth-limiting substrate feeding [Yee and Blanch, 1992; Korz et al., 1995]. 
 
Numerous feeding strategies have been developed [Lee, 1996; Shiloach and Fass, 
2005]. Their implementation, however, is often complicated, because most strategies 
also require considerable process knowledge to work well. Jenzsch et al. [2006b] 
emphazise that in open-loop feeding, a major problem is to find the optimal substrate 
quantity. Typically, a key process parameter, such as the critical growth rate, has to be 
known a priori that acetate is not produced [Akesson et al., 1999]. Furthermore, if other 
numerical values for biologically relevant parameters are not selected accurately, the 
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calculated substrate quantity will not match the real demand of the microorganisms. 
Consequently, an insufficient feeding rate will lead to a decreased concentration of the 
desired product. Recent publications report a direct correlation of the specific growth 
rate to the specific productivity of microorganisms (Fig. 2.1). Jenzsch [2006a] for 
example reported a maximum in specific GFP productivity at a specific growth rate of 
approx. 0.14 h−1 for Escherichia coli. 
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Fig. 2.1: Schematic diagramm of specific productivity qP as function of specific growth rate µ in 
Escherichia coli fed-batch fermentations.  
 
On the other hand, if the feeding rate is too high, substrate in the broth will accumulate 
and the growth of the culture will no longer be C-source limited. In this case, batch 
growth occurs. Consequently, the cell physiology of microorganisms growing in excess 
nutrients (batch phase) differs from cells growing under nutrient-limited conditions 
(fed-batch phase). Hence, the cellular response to starvation conditions do vary 
[Andersson et al., 1996]. In addition, catabolite-repressed production kinetics for 
various enzymes are influenced by the presence and concentration of C-sources (e.g. 
glucose) [Meir and Yagil, 1990]. Johnston et al. [2002] pointed out that the fed-batch 
mode can even increase the final concentration of a recombinant protein of up to 20 
times higher than in batch culture.   
 
Various authors [Korz et al., 1995; Lee, 1996; Xu et al., 1999; Hoffmann et al., 2000; 
Yim et al., 2001; Babaeipour et al., 2006; De Anda et al., 2006; Knoll et al., 2007; Lara 
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et al., 2008] show feeding profiles with constant specific growth rates of E.coli strains 
and highlight the importance of correctly estimating nutrient-limited fed-batch 
conditions. Therefore, the objective of this current work is to investigate how small 
numerical changes of specific biological parameters influence substrate accumulation or 
the constant specific growth rate that influences the specific productivity (Fig. 2.1). 
 
2.2 Materials and Methods 
 
2.2.1 Simulation conditions 
 
In order to investigate the sensitivity of parameters in the feeding algorithm for a 
constant specific growth rate, a dynamic process model has to be developed. For this, 
unlimited growth of the cells was assumed in a minimal medium, whereby oxygen and 
other substrates were not limited (except the C-source in fed-batch mode).  
 
The specific growth rate µ is calculated according to the Monod equation (Eq. 2.1):  
Ss
S
cK
c
+
⋅= maxµµ        (2.1) 
The variation in dry biomass concentration as a function of fementation time during the 
batch and fed-batch phases is determined by Eq. (2.2). Here, the term –F/(VL*ρF) 
describes the dilution of the biomass concentration in the fermentation broth by the 
feeding solution.  






⋅
−=
FL
X
X
V
F
c
dt
dc
ρ
µ
      (2.2) 
The increment of the reactor filling volume as a function of fermentation time is defined 
as the feeding rate devided by the density of the feed solution (Eq. 2.3): 
F
L F
dt
dV
ρ
=
        (2.3) 
The variation in substrate concentration as a function of fermentation time is composed 
of four terms, two terms which indicate substrate consumption resulting from biomass 
growth and maintenance metabolism as well as one term that denotes a substrate 
increase because of the feeding of substrate during the fed-batch phase. The last term 
descirbes the dilution of the biomass concentration in the fermentation broth by the 
feeding solution (Eq. 2.4):  
)(1 SSF
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XSX
SX
S cc
V
F
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Ydt
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−
⋅
+−⋅−=
ρ
µ
  (2.4) 
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To keep µ constant, it is assumed that during the carbon-limited fed-batch phase the 
variation of substrate concentration as a function of fermetation time is 0 [Kim et al., 
2004] (Eq. 2.5): 
0=
dt
dcS
         (2.5) 
Because the substrate concentration in the feed solution cSF in Eq. 2.4 considerably 
exceeds the substrate concentration in the fermentation broth cS under limiting 
conditions, it is assumed that cS = 0 [Kim et al., 2004] (Eq. 2.6): 
0=⇒<< SSFS ccc        (2.6) 
During the fermentation with a desired constant specific growth rate (µ set) in fed-batch 
mode, the change of total dry biomass is specified by Eq. 2.7:   
Xset
X m
dt
dm µ=
       (2.7) 
After integrating Eq. 2.7, the following results: 
)( Fset tt
XFX emm
−
=
µ
       (2.8) 
In Eq. 2.8 the total dry biomass, mX, is replaced by the product of dry biomass 
concentration cX and reactor filling volume VL. Moreover, mXF is substituted by the 
product of and the dry biomass concentration at the beginning of the fed-batch, cXF, and 
the reactor filling volume at the beginning of the fed-batch, VLF, (Eq. 2.9):  
)( Fset tt
LFXFLX eVcVc
−
=
µ
     (2.9) 
In addition, Eq. 2.4 is rearranged for F using Eq. 2.5 and Eq. 2.6 and replacing µ set for µ 
as follows:  
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In Eq. 2.10 the product of dry biomass concentration cX and reactor filling volume VL is 
substituted by the right term of Eq. 2.9. Consequently, Eq. 2.11 yields the feeding rate F 
for carbon-limited growth with a constant specific growth rate in fed-batch mode: 
( )Fset tt
SF
LFXF
FS
SX
set e
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m
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
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
+= µρµ
  (2.11) 
To further contemplate the derivation of Eq. 2.11 - which is widely used for fed-batch 
processes applying a constant specific growth rate [Korz et al., 1995; Lee, 1996; Xu et 
al., 1999; Hoffmann et al., 2000; Yim et al., 2001; Babaeipour et al., 2006; De Anda et 
al., 2006; Knoll et al., 2007; Lara et al., 2008] – this equation does not reflect a possible 
substrate consumption in order to form product.  
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Normally, during fed-batch fermentations, the feeding is initiated once the initial C-
source is depleted, indicated by a sharp increase in the DOT signal. However, 
theoretically the ideal moment to start the exponentially increasing feeding profile is the 
time when the substrate concentration cS in the batch phase is identical to the substrate 
concentration of the culture during the fed-batch phase at the constant specific growth 
rate µ set. In this case, it would be possible to minimize the time delay between batch and 
fed-batch phases, when the cells are poorly supplied with carbon source and, thus, may 
be damaged. Since this theoretical approach does not take into account a possible 
accumulation of different overflow metabolites during the batch phase, it would imply 
knowing the substrate concentration in real time. Practically, the metabolites cannot 
easily be measured online. Consequently, the time to initiate the fed-batch phase tF in 
the model-based simulations is defined as the time when the substrate concentration in 
the batch phase approaches a concentration of 0 gL-1. This means that in laboratory 
experiments, the DOT would start to increase. 
 
Table 2.1: Numerical values of simulation parameters 
 
Parameter Value Unit Origin / Source 
KS 
cSB 
cXB 
cXF 
VLB 
VLF 
cSF 
ρF 
µ set 
YX/S 
 
mS 
µmax 
tF 
0.01 
10 
0.75 
5 
20 
20 
850 
1230 
0.15 
0.6 
 
0.02 
0.18 
12 
[gL-1] 
[gL-1] 
[gL-1] 
[gL-1] 
[L] 
[L] 
[gL-1] 
[gL-1] 
[h-1] 
[gg-1] 
 
[gg-1 h-1] 
[h-1] 
[h] 
[Jenzsch et al., 2006] 
Initial value 
Initial value 
experimetal data 
Initial value 
Initial value 
Initial value 
Initial value 
Initial value 
experimetal data; 
[Rinas et al. 1995] 
[Korz et al., 1995] 
experimetal data 
experimetal data 
 
The numerical values of the respective parameters for the simulations are specified in 
Table 2.1. These values were chosen to represent a typical pilot-scale, fed-batch 
fermentation using a recombinant Escherichia coli strain which is not induced for a 
possible protein production. Although this aspect is not a focus in this study, it should 
be mentioned that an induction of a microbial culture (e.g. using IPTG) to produce high 
yields of a target protein can lead to a decrease of substrate uptake and an accumulation 
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of substrate [Neubauer et al., 2003; Yim et al., 2001]. Finally, the mathematical model 
applied in this study focuses on the influence of artificially altered numerical values of 
the parameters YX/S, mS, cXF, tF of Eq. 11 on the substrate, biomass and specific growth 
rate progression. The influence in varying all other parameters (µ set, ρF, VLF, cSF) is not 
investigated here, because it is assumed that the numerical values are well detectable 
before an experiment is started. 
 
2.2.2 Cultivation system 
 
2.2.2.1 Microbial strain 
 
The experimental part of this study applied the Escherichia coli DH5α strain which 
contains the plasmid pCMVS. It encodes the genetic sequence for the hepatitis-B-
antigen controlled by an eukaryotic cytomegalo-virus promotor. Even though this 
plasmid can be used as a DNA-vaccine for eukaryotic organisms, the antigen-protein is 
not expressed in our experiments. 
 
2.2.2.2 Culture media 
 
For the first preculture, the TB (Terrific Broth) medium contained, in gL-1: yeast extract 
(Roth, Karlsruhe, Germany), 24; peptone from casein (Roth, Karlsruhe, Germany), 12; 
KH2PO4, 4.72; K2HPO4, 11.36; glycerol, 5; ampicillin, 0.1. For the second preculture, 
the PAN-SF medium contained, in gL-1: KH2PO4, 13.73; K2HPO4, 16.48; triNa-
citrate·2H2O, 1; ZnCl2, 0.1; FeSO4·7H2O, 0.15; (NH4)2SO4, 5; CaCl2·2H2O, 0.02; 
MgSO4·7H2O, 0.3; glycerol, 20; ampicillin, 0.1; PAN trace element solution, 1 mLL-1; 
thiamine solution, 1 mLL-1. For the main culture, the PAN-F medium contained, in gL-1: 
KH2PO4, 15; triNa-citrate·2H2O, 1.5; ZnCl2, 0.1; FeSO4·7H2O, 0.15; (NH4)2SO4, 5; 
CaCl2·2H2O, 0.02; MgSO4·7H2O, 3; glycerol, 10; ampicillin, 0.1; PAN trace element 
solution, 1.5 mLL-1; thiamine solution, 2 mLL-1. The PAN trace element solution 
contained, in gL-1: Al2(SO4)3·18H2O, 2; CoSO4·6H2O, 0.75; CuSO4·5H2O, 2.5; H3BO3, 
0.5; MnSO4·H2O, 24; Na2MoO2·2H2O, 3; NiSO4·3H2O, 2.5; ZnSO4·7H2O, 15; H2SO4 
(30%), 2 mLL-1.  The thiamine solution contained 5 gL-1. The feed solution for fed-
batch operation contained: glycerol, 850 gL-1; ampicillin, 0.1; PAN trace element 
solution, 1.5 mLL-1; thiamine solution, 2 mLL-1. 
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2.2.2.3 Bioreactors and cultivation 
 
The E.coli pCMVS stain was stored in complex (TB) medium with 33% (v/v) glycerol 
at -80 °C before the two preculture steps were begun to inoculate the main culture in the 
bioreactor. All precultures were run in 1000 mL Erlenmeyer flasks with a filling volume 
of 100 mL each, at shaking frequencies of 300 rpm and 50 mm shaking diameter at 37 
°C. The applied media and shake conditions were investigated beforehand with the 
Respiration Activity MOnitoring System (RAMOS) [Anderlei et al., 2004] equipped 
with 250 mL RAMOS shake flasks to avoid depletion of the C-source over preculture 
time and to assure a viable broth for the inoculation of the main culture. Thereafter, the 
shaking conditions (filling volume, shaking frequency and diameter) were converted 
from the 250 mL – to the 1000 mL shake flask scale [Maier et al., 2004]. Associated 
data generated with the RAMOS device are not shown here. E. coli pCMVS was 
cultivated in the first preculture step in 50 mL TB medium for 7 h. In the second 
preculture step, 1.2 L of PAN-SK medium was inoculated with the first preculture and 
devided among twelve shake flasks for 20 h. Cultivations in the main culture were run 
in a 50 L stirrer tank bioreactor (LP 351, Bioengineering AG, Wald, Switzerland) which 
is described in detail in Maier et al., [2001] and in Knoll et al. [2007]. Starting in batch 
mode, 18.8 L of the respective main culture medium (PAN-F) was inoculated with 1.2 L 
of preculture. After 11.4 h fermentation time, the feeding was started according to Eq. 
11. The headspace pressure of the bioreactor was increased to a maximal overpressure 
of 5.0 bar (0.50 MPa) to keep the DOT above a minimal value of 30% air saturation and 
to prevent an oxygen limitation. Simultaneously, the aeration rate was increased to 
realize a constant superficial gas velocity inside the bioreactor (Knoll et al., 2005) at a 
value of 0.00235 ms-1. The pH was set to a value of 6.5 by adding 25 % NH4OH. 
During the cultivation, the stirrer velocity was kept between 400 and 600 rpm. 
 
2.2.2.4 Analytical methods 
 
The biomass concentration was determined as dry cell weight by centrifuging four 
preweighed Eppendorf tubes, each having a filling volume of 2 mL culture broth. After 
centrifugation (10000 x g, 10 min, Sigma 1-15 microcentrifuge, Sartorius, Germany), 
the resulting biomass pellets were separated from the supernatant and stored at 80 °C 
until the mass, weighed with an electronic precision balance (SBC 31, Scaltec, 
Göttingen, Germany), remained constant. The concentrations of glucose and acetate in 
the supernatant was monitored offline by means of a HPLC with an organic acid resin 
column (CS-Chromatographie, Langerwehe, Germany) using a 5 mM sulfuric acid 
solution as eluent and a refractive index detector and a photodiode array. 
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2.3 Results and discussion 
 
In all numerical simulation, shown in this chapter, basically, the growth conditions of 
the biological culture in batch and fed-batch mode are simulated by using Eq. 2.1 for the 
specific growth rate, Eq. 2.2 for the biomass concentration, Eq. 2.3 for the reactor filling 
volume and Eq. 2.4 for the substrate concentration. The initial numerical values to 
simulate the biological parameter are depicted in Table 2.1. Without affecting the 
biological growth conditions the following simulations indicate effects on the substrate 
and biomass concentration and on the specific growth rate by artificially altering 
numerical parameters (YX/S, mS, cXF, tF) only in the feeding algorithm (Eq. 2.11). 
 
2.3.1 Sensitivity analysis of the numerical value for the biomass yield 
YX/S 
 
According to Fig. 2.2A, the biomass concentration in the batch phase for all five 
variations increases congruently to a maximum value of approx. 5 gL-1 at a fermentation 
time of 12 h. The substrate concentration decreases to 0 in the same time range. 
Concerning Fig. 2.2B, the specific growth rate µ stays constant at the µmax-level of 0.18 
h-1 just until the substrate is depleted and the batch phase ends. These conditions can be 
also observed for the simulations in section 2.3.2 (Fig. 2.3) and section 2.3.3 (Fig. 2.4).    
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Fig. 2.2: (A) Simulated results for substrate concentration and biomass concentration and for 
(B) the specific growth rate (horizontal dashed line represents µ set) as function of time. The 
simulation is based on the model equations for an open-loop, exponentially increasing feeding 
profile by varying the parameter for the biomass yield (YX/S) in the feeding algorithm (magenta, 
dashed lines represent simulation with the correct biological value). Model parameter for batch 
phase: initial substrate concentration 10 gL−1, initial biomass concentration 0.75 gL−1,  biomass 
yield 0.6 gg−1, maximal specific growth rate 0.18 h-1, reactor filling volume at beginning of 
batch phase 20 L, Monod-constant for subtrate 0.01 gL-1; parameter for the calculation of the 
feed rate: concentration of biomass at beginning of fed-batch phase 5.0 gL−1, maintenance 
coefficient for substrate 0.02 gg-1h-1, concentration of substrate in feed solution 850 gL−1, 
density of feed solution 1230 gL-1, setpoint of specific growth rate 0.15 h−1, time at the 
beginning of the fed-batch phase 12 h. 
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In the fed-batch phase, the feeding rate F is calculated according to Eq. 2.11. However, 
the numerical value for the biomass yield YX/S only in Eq. 11 is varied in the range from 
0.45 gg-1 to 0.75 gg-1. Thus, if the adjusted value for the biomass yield YX/S in Eq. 2.11 
conforms to the true biomass yield of the biological culture (YX/S = 0.6 gg-1), an 
exponential increase in biomass under carbon-limiting substrate conditions (Fig. 2.2A; 
dashed, magenta curves) at the desired constant specific growth rate µ set = 0.15 h-1 (Fig. 
2.2B; dashed, magenta curve) is ensured. However, the desired constant specific growth 
rate cannot be applied directly from the beginning of the fed-batch due to the short time 
delay between batch and fed-batch as already explained in sec 2.2.1. Nontheless, as 
shown in Fig. 2.2A, basically biomass and substrate concentration deviate from the 
curve representing the real numerical value of the biological culture (dashed line), 
respectively. By wrongly inserting a lower value for the biomass yield YX/S (e.g. 0.45 
gg-1 or 0.525 gg-1), the biomass concentration increases. In this case, however, the 
substrate curves show a substrate accumulation, and carbon-limited conditions do not 
occur during the subsequent few hours of fermentation. As a result of substrate 
accumulation, the specific growth rate µ of the culture exceeds the desired setpoint of 
the specific growth rate µ set until a fermentation time of 30 h (Fig. 2.2B). According to 
Fig. 2.2A, with increasing values of the biomass yield YX/S (e.g. 0.675 gg-1, 0.75 gg-1), 
the biomass concentration curves stay below the desired course. From the beginning of 
the fed-batch phase, as shown in Fig. 2.2B, the specific growth rate µ is lower than µ set 
and only gradually increases to µ set. Moreover, the space-time yield (STR) for this 
feeding condition is decreased. 
 
2.3.2 Sensitivity analysis of the numerical value for the maintenance 
coefficient mS 
 
After the substrate in the batch phase is consumed and a maximum biomass 
concentration of approx. 5 gL-1 is reached at 12 h fermentation time (Fig. 2.3A), the fed-
batch is initiated. Based on a maintenance coefficient mS of 0.02 gg-1h-1 representing the 
true metabolic value of the culture, the curves for substrate and biomass concentration 
(Fig. 2.3A; dashed, blue line) and specific growth rate (Fig. 2.3B; dashed, blue line) 
depict a typical, carbon-limited fed-batch fermentation at the desired constant specific 
growth rate (µ set = 0.15 h-1). 
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Fig. 2.3: (A) Simulated results for substrate concentration and biomass concentration and for 
(B) the specific growth rate (horizontal dashed line represents µ set) as function of time. The 
simulation is based on the model equations for an open-loop, exponentially increasing feeding 
profile by varying the parameter for the maintenance coefficient for substrate  (mS) in the 
feeding algorithm (blue, dashed lines represent simulation with the correct biological value). 
Model parameter are specified in the caption of Fig. 2.1. 
 
 However, deviations in substrate and biomass concentration can be identified, if 
different numerical values of the maintenance coefficient mS (0.0 gg-1h-1 to 0.08 gg-1h-1) 
only entered in the feeding rate algorithm (Eq. 2.11). According to Fig. 2.3A, with 
increasing mS values, substrate accumulates until a fermentation of approx. 18 h. As a 
result, biomass (Fig. 2.3A) and the specific growth rate curves (Fig. 2.3B) are located 
above the ideal curve in this time range. Thus, the selection of numerical values for 
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maintenance coeffient mS above the metabolic value results in a prolonged period in 
which the C-source is not limited. A numerical value below the true maintenance 
coefficient mS of 0.02 gg-1h-1 indicates a reduced growth and may also affect the 
specific productivity qP (Fig. 2.1). As shown in Fig. 2.3A and Fig. 2.3B, the curves for 
the biomass concentration and the specific growth rate, respectively, show a decreased 
progression while simultaneously the applied feeding rate forces the culture to grow 
under C-source-limited conditions.     
 
2.3.3 Sensitivity analysis of the numerical value for the biomass 
concentration at the beginning of the fed-batch cXF 
 
The numerical value of the biomass concentration at the beginnig of the fed-batch phase 
cXF is influenced by the concentration and biomass yield of the used carbon source. 
Therefore it is difficult to predict the correct numerical value for the process parameter 
cXF.  
 
After initiating the fed-batch phase, the feeding algorithm was immediately applied with 
the numerical value representing the correct biomass concentration at the beginning of 
the fed-batch phase (cXF = 5 gL-1). The biomass concentration increases exponentially 
from the start of the fed-batch phase under C-source limitation (Fig. 2.4A; dashed, 
magenta curves) at the desired constant specific growth rate (Fig. 2.4B; dashed, 
magenta curve). 
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Fig. 2.4: (A) Simulated results for substrate concentration and biomass concentration and for 
(B) specific growth rate (horizontal dashed line represents µ set) as function of time. The 
simulation is based on the model equations for an open-loop, exponentially increasing feeding 
profile by varying the parameter for the concentration of biomass at beginning of fed-batch (cXF) 
in the feeding algorithm (magenta, dashed lines represent simulation with the correct biological 
value). Model parameter are specified in the caption of Fig. 2.1. 
 
Varying the numerical value for the biomass concentration at the beginning of the fed-
batch phase cXF only in the feeding algorithm (Eq. 2.11) leads to a similar trend as 
varying the maintenance coefficient mS. If higher numerical values for the biomass 
concentration at the beginning of the fed-batch phase cXF (e.g. 6 gL-1 or 7 gL-1) are 
entered in the feeding algorithm, a C-source limitation does not occur. Therefore, 
substrate accumulates (Fig. 2.4A) and the curves for the specific growth rate (Fig. 2.4B) 
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and the biomass concentration (Fig. 2.4A) exceed the respective curves respresenting 
the correct biological cXF value (dashed, magenta curves). Compared to Fig. 2.2 and 
Fig. 2.3, here in Fig. 2.4, the highest accumulation of substrate occurs (red curve; cS 
approx. 1.4 gL-1). In this example (cXF = 7 gL-1), up to approx. 14 additional hours in the 
fed-batch phase are needed to attain a C-source limitation. However, entering numerical 
values in the feeding algorithm (Eq. 2.11) that are below the correct cXF value (e.g. 3 
gL-1 or 4 gL-1), immediately results in C-source-limited growth, but at a reduced 
biomass concentration, as shown in Fig. 2.4A. Until a fermentation time of 30 h, the 
specific growth rate µ does not reach the desired setpoint (Fig. 2.4B) and, thus, the 
specific productiviy qP may be reduced. 
 
2.3.4 Sensitivity analysis of the numerical value for the time to initiate 
the fed-batch phase tF 
 
Due to different influences (e.g. medium, initial carbon concentration) on the duration 
of the lag-phase the prediction of the time to initiate the fed-batch phase tF is difficult. 
Normally the fed-batch phase is started, when the carbon source is depleted indicated by 
an increase of the DOT-signal. However, this strategy may lead to a disrupted growth 
between batch and fed-batch since the cells are poorly supplied with carbon source in 
this time and, thus, may be damaged. Thus, according to Fig. 2.5, the starting time of 
the fed-batch phase tF is varied in this simulation in the range from 10.5 h to 13.5 h 
regardless of whether there is a residual amount of substrate in the batch medium or not.   
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Fig. 2.5: (A) Simulated results for substrate concentration and biomass concentration and for 
(B) specific growth rate (horizontal dashed line represents µ set) as function of time. The 
simulation is based on the model equations for an open-loop, exponentially increasing feeding 
profile by varying the parameter for the time (tF) initiating the fed-batch (magenta, dashed lines 
represent simulation with ideal switch when cSB = 0). Model parameter are specified in the 
caption of Fig. 2.1. 
 
Starting the feeding at an earlier time (e.g. at 10.5 h or at 11.25 h), substrate 
accumulates and the biomass concentration curve exceeds the curve representing the 
ideal time for starting the feeding (Fig. 2.5A; dashed, magenta curves). In these cases, 
the time the specific growth rate stays approximately at µmax is extended for 3 or 7 
hours, respectively, as shown in Fig. 2.5B. However, if the fed-batch phase is started 
later (e.g. at 12.75 h or at 13.5 h), the culture is not supplied for a time period of 0.75 h 
                                                                                                                              Page 51 
or 1.5 h, respectively. Initiating the fed-batch phase at 12.75 h or at 13.5 h, the model 
predicts C-source-limited growth conditions with biomass concentrations below the 
ideal curve, according to Fig. 2.5A. After the feeding is switched on, the specific growth 
rate increases immediately to the ideal value of 0.15 h-1. In contrast to the model 
calculations, an interrupted C-source supply realistically causes the death of some of the 
cells in the biological culture. Therefore, it is more likely that the specific growth rate 
only increases slowly after starting the feeding. Hence, substrate may accumulate due to 
the uncontrolled, exponentially increasing feeding profile. 
 
2.3.5 Comparison of model prediction and empirical dataset 
 
To compare the model prediction with an empirical dataset, an E.coli fed-batch 
fermentation was performed, initiating the fed-batch phase too early. As shown in Fig. 
2.6, after the initial glycerol concentration of 10 gL-1 is consumed in the batch phase, 
the fed-batch phase is initiated at 11.4 h fermentation time even though approx. 2 gL-1 
glycerol still remains in the medium. After preliminary batch fermentations (data not 
shown here) the time 11.4 h was chosen to guarantee a residual amount of glycerol 
(approx. 2 gL-1) in the medium before starting the fed-batch phase. In the first ca. 6 h of 
the fed-batch phase, the microbial culture consumes both, the newly fed amount of 
glycerol and the remaining amount of glycerol from the batch phase. At a fermentation 
time of ca. 17.5 h, the culture grows under C-source-limited conditions. The biomass 
concentration increases exponentially from approx. 1 gL-1 at the beginning of the 
fermentation to ca. 5 gL-1 at the beginning of the fed-batch phase. After 28 h 
fermentation time, a maximal biomass concentration of approx. 63 gL-1 is achieved. 
During the whole fermentation time, no acetate is detectable. Thus, the empirical course 
is well depicted by the model prediction, because the substrate and biomasse curves in 
the model-based and experimental dataset show a nearly congruent course, respectively. 
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Fig. 2.6: Comparison between a model-based and an empirical dataset of an E.coli fed-batch 
fermentation using glycerol as C-source. To compare the model-based and the empirical 
datasets, the same initial conditions for an open-loop, exponentially increasing feeding profile 
were applied (Table 2.1). Here, however, an earlier time to initiate the fed-batch (tF = 12 h  tF 
= 11.4 h) was chosen. 
 
Besides glucose, glycerol is a commonly used C-source in E.coli fermentations [Rinas 
et al., 1995; Lee, 1996; Choi et al., 2003]. Here, the overflow metabolite acetate is 
significantly reduced because of a slower transport of glycerol into the cells [Lee, 
1996]. Thus, as shown in Fig. 2.6, a substrate (glycerol) accumulation in the fed-batch 
phase is only attributed to the improper choise of tF. In this case, the fed-batch phase is 
initiated too early; this means that the substrate accumulation is not caused by overflow 
metabolites produced during the batch phase.  
 
The results of the model, presented here, assume that no significant amounts of 
overflow metabolites are produced in the batch phase. The empirical data, presented in 
Fig. 2.6, indicate that upon using glycerol as C-source in the batch phase, no significant 
amounts of acetate are produced. Therefore, the progression of the substrate 
concentration during the fed-batch phase is not afflected by previously accumulated 
overflow metabolites. However, if a C-source (e.g. glucose) is applied, that results in a 
production of overflow metabolites during the batch phase. An exponentially increasing 
feeding profile should first be initiated, when both the initial C-source and the 
accumulated overflow metabolites are totally consumed. 
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2.3.6 Effects of deviating process values in the algorithm for a constant 
growth rate feeding 
 
With respect to the biological parameters representing the true metabolic process values 
(Table 2.1), balanced feeding rates are calculated to guarantee a constant specific 
growth rate. However, Fig. 2.7 presents the dependency on the prolonged time in which 
the C-source is not limited at the beginning of the fed-batch phase and the prolonged 
time to reach µ set caused by deviations from the true process value of the respective 
parameter (cXF; YX/S; tF; mS) used in the algorithm for a constant growth rate feeding 
(Eq. 2.11). The deviation range was chosen to represent reasonable values for the 
respective parameter. Fig. 2.7A depicts the prolonged time in which the C-source is not 
limited at the beginning of the fed-batch phase as a function of the relative deviation 
from the correct numerical values. Increased feeding rates occur, when incorrectly high 
numerical values for cXF or mS or incorrectly low numerical values for YX/S or tF are 
inserted into the feeding algorithm (Eq. 2.11). The curves representing cXF and YX/S 
show a very similar behavior. Above 25 % deviation from the correct parameter value, 
the curves nearly run parallel to the x-axis. Both the tF and mS curves increase linearly. 
Maximal deviations of 20 % for the parameter tF and of 50 % for the parameter mS lead 
to a prolonged time in which the C-source is not limited at the beginning of the fed-
batch phase for 9 h or for 4 h, respectively. Varying cXF and YX/S causes the greatest 
substrate accumulation and thus prolonge the time in which the C-source is not limited 
at the beginning of the fed-batch phase. 
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Fig. 2.7: (A) Sensitivity plot of the prolonged time in which the C-source is not limited at the 
beginning of a model-based, fed-batch fermentation using an exponentially increasing feeding 
profile as a function of the incorrect selection of the respective parameter cXF; YX/S; tF; mS and 
(B) the prolonged time to reach µset at the beginning of a model-based, fed-batch fermentation 
using an exponentially increasing feeding profile as a function of the incorrect selection of the 
respective parameter cXF; YX/S; tF. 
 
As shown in Fig. 2.7B, the prolonged time to reach the setpoint of the specific growth 
rate µ set at the beginning of the fed-batch phase is plotted as function of the relative 
negative deviation from the correct numerical values that leads to a decreased feeding 
rate. Incorrectly high numerical values for YX/S or tF or incorrectly low numerical values 
for cXF or mS are considered for the feeding algorithm (Eq. 2.11). Like Fig. 2.7A, the 
curves for cXF and YX/S also behave very similar. Deviations for cXF and YX/S of 
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between 0 an 10 % significantly prolong the time to reach µ set by up to 18 h and, hence, 
extremely decreases the STY. For deviating numerical values regarding the parameter 
tF, the curve increases linearly. Upon reaching a relative deviation of maximal 50 %, the 
time to reach µ set is extended by approx. 6 h. Negative deviations in the maintenance 
coefficient mS were not taken into account, because the selected “true” numerical value 
is already very low (0.02 gg-1h-1). Lower values for mS are not realistic. Finally, the 
strongest influence on the prolonged time to reach µ set can be observed by varying the 
parameter cXF and YX/S to lower feeding rates. This may lead to a suboptimal specific 
productivity qP, as shown in Fig. 2.1. 
 
2.4 Conclusion 
 
By applying a sensitivity analysis of the parameters YX/S, mS, cXF and tF in an open-loop 
feeding strategy aiming at a constant specific growth rate, it could be shown that even 
small variations in individual numerical values in the range of ± 10 % prolong the time 
in which the organisms are not C-source limited or prolong the time to reach constant 
specific growth rate by up to a maximum of 20 h for fermentation using fast growing 
microorganisms like E.coli. Therefore, this study highlights the importance of selecting 
accurate numerical parameter values which are required before starting the 
exponentially increasing feeding profiles. In practice, preliminary experiments should 
be performed to identify the respective values. Besides investigating mathematical 
model predictions, biomass and substrate progression have been varified by applying an 
exemplary fed-batch experiment in a pilot-scale fermenter using an E.coli DH5α strain. 
The calculated and empirical results agree with one another regarding substrate 
accumulation by initiating the fed-batch phase too early. Ultimately, this study is a 
valuable approach to optimize the time in which growth is indeed C-source limited as 
well as to maximize the specific productivity by applying the optimal constant specific 
growth rate in fed-batch fermentations. 
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Chapter 3 
 
Linear correlation between on-line capacitance and off-line 
biomass measurement up to high cell densities in Escherichia 
coli fermentations in a pilot-scale pressurized bioreactor 
 
3.1 Introduction 
 
Using E. coli in high cell-density cultures (HCDC) is one of the most widely used 
techniques for producing heterologous proteins [Shiloach and Fass 2005]. Because most 
protein products generated from recombinant E. coli strains are accumulated 
intracellularly, the protein concentration is one important parameter that is strongly 
correlated to biomass concentration [Babaeipour et al. 2006]. HCDC are normally 
grown under nutrient-limiting (carbon-limiting) conditions. However, simple feeding 
strategies such as constant-rate feeding, a stepwise increase in the feeding rate and 
exponential feeding have been all used to obtain high cell densities and high space-time 
yield of E.coli in fed-batch cultures. The last strategy, i.e. exponentially increased 
feeding rates, can be used as a simple yet efficient method to minimize overflow 
metabolites such as acetate, provided that the specific growth rate for E.coli is 
maintained between 0.1 h-1 and 0.3 h-1 [Lee 1996]. For this, many authors [Gregory and 
Tuner 1993; Knoll et al. 2007; Lara et al. 2008; Lee 1996; Shiloach and Fass 2005] take 
advantage of an equation (see Eq. 3.1) derived from a simple mass balance with the 
assumption of a constant cell yield on the used substrate. Consequently, with this 
equation a pre-determined, open-loop, exponentially increasing amount of feeding 
solution is fed into the reactor without feedback from the biology.  
 
As online measurement techniques for detecting the viability and biomass 
concentration, Fyferling et al. [2008] recommend online monitoring of the oxygen 
transfer rate (OTR). Understanding the interaction between oxygen transfer and the 
microbial activity is a key step in achieving high yields of the target protein and 
improving bioprocess strategies. In particular, most industrial fed-batch fermentations 
are limited by the transfer of oxygen into the broth [Sanden et al. 2002]. Various authors 
[Andersson et al. 1996; Fyferling et al. 2008; Kaiser et al. 2008; Knoll et al. 2007] 
                                                                                                                              Page 57 
reported about high cell-density fermentations with E.coli using online measurement of 
oxygen consumption such as OTR in order to validate biomass growth and characterize 
cell viability. 
 
Using electrical capacitance for ascertaining viable biomass, Markx and Davey [1999] 
explained the electrical properties of biological cells. Various authors have already 
generated datasets for fermentations with bacterial species, e.g. Streptomyces or 
Lactobacillus [Arnoux et al. 2005; Ferreira et al. 2005; Neves et al. 2000], yeast species, 
e.g. Saccharomyces or Arxula [Mas et al. 2001; Maskow et al. 2008a; Maskow et al. 
2008b; Xiong et al. 2008] as well as animal cell cultures such as e.g. hybridoma cells 
[Noll and Biselli 1998] and Chinese hamster ovarian cells [Cannizzaro et al. 2003]. 
With respect to high E.coli denseties generated in fed-batch culture, Kaiser et al. [2008] 
have reported reliable capacitance values for viable cell density up to biomass 
concentrations of 60 gL-1 dry cell weight. 
 
The aim of this study is to investigate on a pilot scale the progression of an impedance 
signal in high cell-density fermentations of E.coli having dry cell weights of up to 85 
gL-1. In order to ensure fully aerobic conditions over the entire fermentation time, high 
cell density fermentations are performed at relatively moderate specific power input (3 - 
6 kWm-3) using a pressurized stirred tank bioreactor [Knoll et al. 2007; Maier et al. 
2001]. Furthermore, in this study, the E.coli cultures are cultivated in fed-batch mode at 
a low constant specific growth rate (µ = 0.17 h-1) to ensure carbon-limiting conditions 
thereby minimizing the production of overflow metabolites.  
 
3.2 Materials and Methods 
 
3.2.1 Microbial strain 
 
In this study the Escherichia coli K12-derived strains W3110 (ATCC-No.: 27325) and 
VH33 were used. Strain VH33 is a ∆ptsH, ptsI, lacI, lacZ::loxP W3110 derivative that 
lacks PTS activity.  In order for glucose to pass the plasma membrane, the galactose 
permease (GalP) as an alternative uptake mechanism was amplified on a genetic level 
[De Anda et al. 2006]. 
 
3.2.2 Culture Media 
 
For the first preculture, TB media (Terrific Broth) was used containing, in gL-1: yeast 
extract (Roth, Karlsruhe, Germany), 24; peptone from casein (Roth, Karlsruhe, 
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Germany), 12; KH2PO4, 4.72; K2HPO4, 11.36; glucose, 10 or glycerol, 10. For the 
second preculture, the media PAN-SF contained, in gL-1: KH2PO4, 8.66; K2HPO4, 
23.74; triNa-citrate·2H2O, 1; ZnCl2, 0.1; FeSO4·7H2O, 0.15; (NH4)2SO4, 5; CaCl2·2H2O, 
0.02; MgSO4·7H2O, 0.3; glucose, 20 or glycerol, 20; PAN trace element solution, 1 
mLL-1; thiamine solution, 1 mLL-1. For the main culture, the media PAN-F consisted of, 
in gL-1: KH2PO4, 17; triNa-citrate·2H2O, 1.5; ZnCl2, 0.1; FeSO4·7H2O, 0.15; 
(NH4)2SO4, 5; CaCl2·2H2O, 0.02; MgSO4·7H2O, 3; glucose, 5 or glycerol, 5; PAN trace 
element solution, 1.5 mLL-1; thiamine solution, 2 mLL-1. The PAN trace element 
solution contained, in gL-1: Al2(SO4)3·18H2O, 2; CoSO4·6H2O, 0.75; CuSO4·5H2O, 2.5; 
H3BO3, 0.5; MnSO4·H2O, 24; Na2MoO2·2H2O, 3; NiSO4·3H2O, 2.5; ZnSO4·7H2O, 15; 
H2SO4 (30%), 2 mLL-1.  The thiamine solution consisted of 5 gL-1.  
 
The feed solution contained: glucose, 650 gL-1 (still soluble at room temperature) or 
glycerol, 870 gL-1 (prefabricated solution, Applichem, Darmstadt, Germany); PAN trace 
element solution, 1.5 mLL-1; thiamine solution, 2 mLL-1. 
 
3.2.3 Cultivation 
 
The organism was stored in complex medium (TB) containing 33% (v/v) glycerol at -80 
°C before the two preculture steps were begun to inoculate the main culture in the 
bioreactor. All precultures were performed in 1000 mL Erlenmeyer shake flasks at 
shaking frequencies of 300 rpm and 50 mm shaking diameter (Kuhner shaker, ISF1-X, 
Basel, Switzerland) at 37 °C. The applied media and shaking conditions were first 
investigated by using a Respiration Activity MOnitoring System (RAMOS) [Anderlei et 
al. 2004] equipped with 250 mL RAMOS shake flasks to avoid depletion of the carbon 
source over the entire preculture time and to ensure a viable broth for inoculating of the 
main culture. Thereafter, the shaking conditions (filling volume, shaking frequency and 
shaking diameter) were converted from the 250 mL to the 1000 mL shake flask scale 
applying the method described by Maier et al. [2004] (data not shown). 
 
Escherichia coli VH33 was cultivated in the first preculture step in 50 mL TB medium 
for 4 h. In the second preculture step, 1.2 L of PAN-SK medium was inoculated with 
the total amount of the first preculture, and this broth was devided among twelve shake 
flasks. Then, the bacteria in the flasks were cultivated for 16 h. Upon applying glucose 
or glycerol as C-source for the main culture in the batch and fed-batch phase, the 
preculture was cultivated using the identical C-source, respectively.  
 
High cell-density cultivations in the main culture were performed in a 50 L stirrer tank 
bioreactor (LP 351, Bioengineering AG, Wald, Switzerland) which is described in detail 
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in Maier et al. [2001] and Knoll et al. [2007]. Starting in batch mode, 14 L of the main 
culture medium (PAN-F) with the respective carbon source (glucose, glycerol) was 
inoculated with 1.2 L of the second preculture. After the carbon source was depleted - 
indicated by a sharp increase in the DOT signal - the fed-batch phase was started. To 
obtain a constant growth of E.coli during the fed-batch phase under carbon limitation, 
an exponential feeding rate was applied that was calculated according to Eq. 3.1: 
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         (3.1) 
 
The numerical values used for Eq. 3.1 were entered in the algorithm before the 
respective fermentations (main culture) had been started. Thereby, for all fermentations 
the specific growth rate µ set was chosen at 0.17 h-1 to guarantee carbon limitation and to 
avoid overflow metabolism [Lee 1996]. Other numerical values used for calculating F 
are presented in the caption of Fig. 4.1 and Fig. 4.2, respectively. Here, values for the 
biomass concentration at the beginning of the fed-batch phase (cXF) and the biomass 
yield (YX/S) were determined from preliminary batch fermentations in the stirred tank 
reactor applying identical conditions also for the preculture (data not shown). Using 
these preliminary batch fermentations, the length of the batch phase tF could be 
estimated.   
 
To suffice the oxygen demand of the fermentations and to prevent an oxygen limitation, 
the headspace pressure of the bioreactor was incrementally increased to a maximal 
overpressure of 9.0 bar (0.90 MPa) to keep the DOT above a minimal value of 30% air 
saturation. Simultaneously, the aeration rate was increased to realize a constant 
superficial gas velocity inside the bioreactor [Knoll et al. 2005] at a value of 0.00179 
ms-1. The pH was set to a value of 7 by adding 25 % NH4OH. During the cultivation 
using glucose as the C-source, the stirrer velocity was kept constant at a value of n = 
500 rpm. For the fermentation using glycerol as the C-source, the stirrer velocity was 
maintained at a value of n = 650 rpm. 
 
The specific volumetric power input P/VL was calculated according to Eq. 3.2 by 
measuring the torque using a sensor installed at the bottom of the stirrer shaft [Maier et 
al. 2001]. 
 
LL V
nM
V
P pi2
=         (3.2) 
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3.2.4 Analytical methods 
 
3.2.4.1 Capacitance measurement  
 
An Aber ProbeTM of 25 mm diameter which incorporated four annular ring electrodes 
for detecting the capacitance of the broth was connected to a Biomass Monitor 210 
(Aber Instruments, Aberystwyth, Wales, UK) for determining the viable cell 
concentration. Placed in an Ingold connector at the side of the vessel, the probe was 
integrated in the in situ sterilization process of the reactor (121 °C, 20 min). 
Capacitance values were calculated online and resulted from the difference between two 
measurement points made at two frequencies according to Eq. 3.3 [Maskow et al. 
2008a]. The capacitance increment (∆C) values calculated in the dual-frequency mode 
were transmitted to a computer using an automatic data acquisition system (ADC-16, 
PicoRecorder, Pico Technology Limited, UK).  
 
∞
−=∆ CCC β
                                                           (3.3) 
whereby: Cβ (f = 1.0 MHz); C∞ (f = 15.649 MHz) 
 
3.2.4.2 Offline detection of biomass concentration 
 
The biomass concentration was determined as dry cell weight by centrifuging four 
preweighed Eppendorf tubes, each having a filling volume of 2 mL culture broth. After 
centrifugation (18000 x RFC, 10 min, Sigma 1-15 microcentrifuge, Sartorius, 
Germany), the resulting biomass pellets were separated from the supernatant and stored 
at 80 °C until the mass, weighed with an electronic precision balance (SBC 31, Scaltec, 
Göttingen, Germany), remained constant. The STY was derived from the mass of 
product mX (in this case dry biomass), the reactor filling volume VL and the associated 
cultivation time t, as follows: 
 
tV
mSTY
L
X
⋅
=
       (3.4) 
 
 
 
3.2.4.3 O2 and CO2 measurement in the offgas for the calculation of OTR 
 
The O2 and CO2 concentrations in the offgas were measured by means of an exhaust gas 
analyzer (Rosemount NGA 2000, Emerson Process Management GmbH&Co. OHG, 
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Haan, Germany) by applying a paramagnetic analyzer and an infrared analyzer, 
respectively. According to Eq. 3.5, the O2-consumption of the bacteria was measured 
via the Oxygen Transfer Rate (OTR): 
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3.2.4.4 Offline determination of glucose, glycerol and acetate 
 
To determine the glucose, glycerol and acetate concentration, the supernatant was 
measured by means of a HPLC with an organic acid resin column (CS-
Chromatographie, Langerwehe, Germany) using a 5 mM sulfuric acid solution as eluent 
and a refractive index detector and a photodiode array. 
 
3.3 Results and discussion 
 
3.3.1 High cell-density cultivation with glucose as C-source 
 
In the experiment shown in Fig. 3.1A, the culture broth was inoculated with E.coli 
VH33 at a starting concentration of 2.4 gL-1 dry cell weight. After the glucose had been 
totally consumed in the batch phase lasting 6 hours, the feeding was begun. According 
to Eq. 3.1, the feeding rate F of a 650 gL-1 glucose solution was calculated using the 
parameters presented in the caption of Fig. 3.1. Starting with a dry cell weight 
concentration of 4.4 gL-1, the biomass concentration increased exponentially to a 
maximum value of 83 gL-1 until the end of the fermentation (26 h). As a result, the STY 
was calculated at a value of 3.21 gL-1h-1. During the fed-batch phase, glucose and 
acetate were not detectable in the supernatants of the respective samples. Nearly 
congruently to the increase in dry cell weight, the capacitance increment ∆C rose to a 
maximum value of 44 pFcm-1 (Fig. 3.1A). The noise level of ∆C decreased from 2 
pFcm-1 at the beginning to approx. 0.2 pFcm-1 at the end of the fermentation. This 
increasingly smoother course of ∆C could be attributed to a decreasing conductivity 
(start: 31 mScm-1; end: 15 mScm-1) of the broth (progression is not shown).  
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Fig. 3.1: High cell-density cultivation of E.coli VH33 in minimal medium with glucose as C-
source: (A) dry cell weight concentration, ∆C (capacitance increment); (B) OTR, overpressure, 
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kLa value (inlay); (C) absolute dry cell weight (open squares) and a curve fitted with µexp = 
0.172 h-1, amount of added NH4OH solution (25%) for pH titration; initial glucose concentration 
5 gL−1, superficial gas velocity 0.00179 ms−1, temperature 37 °C, pH 7.0 ± 0.1, constant stirrer 
speed of 500 rpm, DOT was above 30% air saturation during the whole fermentation time, 
parameter for the calculation of the feed rate, according to Eq. 1: reactor filling volume at 
beginning of fed-batch 15.2 L, concentration of biomass at beginning of fed-batch 4.4 gL−1, 
biomass yield 0.44 gg−1, concentration of glucose in feed solution 650 gL−1, density of feed 
solution 1210 gL-1, setpoint of specific growth rate 0.17 h−1. 
 
As shown in Fig. 3.1B, the OTR curve increased exponentially from 0.02 molL-1h-1 at 
the beginning of the fed-batch phase to a maximum value of 0.69 molL-1h-1 at the end of 
the fermentation. To our knowledge, the OTRmax value presented in Fig. 3.1B, was the 
highest OTR value ever measured in a microbial fermentation using glucose as C-
source. The continuous increase in the OTR signal indicated a viable biomass up to a 
concentration of nearly 90 gL-1 as well as aerobic culture conditions during the entire 
fermentation time. A sufficient oxygen supply for aerobic culture conditions in the 
batch phase could be guaranteed by maintaining the rotation speed of the stirrer at 500 
rpm and an aeration rate of 0.5 vvm at ambient pressure. However, with increasing 
biomass concentration in the fed-batch phase, the headspace pressure was increased 
incrementally to a maximum of 9 bar overpressure (Fig. 3.1B). Starting at approx. 11 h, 
a plateau in the overpressure curve lasting ca. 4 h could be observed at 1 bar. By 
keeping the DOT above a minimal value of 30 % air saturation, the overpressure did not 
have to be increased in this time range. Due to the increasing reactor filling volume, the 
surface of the broth eventually contacted the second six-blade standard Rushton turbine 
[Knoll et al. 2007] at a fermentation time of approx. 11 h. As a result, the kLa value 
increased (inlay of Fig. 3.1B), and the overpressure could be maintained constant for a 
time period of approx. 4 h. A Henry coefficient of 909 bar L-1mol-1 was used to 
calculate the kLa value. The kLa value started at approx. 300 h-1 and remained constant 
at this value until it rose to approx. 1400 h-1 beginning at a fermentation time of ca. 11.4 
hours. After the second turbine had been completely covered by broth at a fermentation 
time of approx. 15 h, the overpressure had to be increased, according to Fig. 3.1B so as 
to maintain the DOT above a minimal value of 30 % air saturation.  
 
As shown in Fig. 3.1C, the mathematical fitting of the absolute dry cell weight resulted 
in an experimentally determined specific growth rate µexp of 0.172 h-1. It was necessary 
to calculate µexp from the absolute dry cell weight over the fermentation time rather than 
from the dry cell weight concentration, to exclude dilution effects of the broth due to the 
increasing reactor filling volume VL during the fed-batch phase. The µexp of 0.172 h-1 
almost completely agreed with the pre-determined setpoint of the specific growth rate 
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µ set of 0.17 h-1 used for the calculation of the feeding rate (see Eq. 3.1). The amount of 
added NH4OH (25 %) started to increase exponentially at the beginning of the fed-batch 
phase at approx. 6h fermentation time to maintain the pH at a constant value of 7 (Fig. 
3.1C). The amount of added NH4OH reached a maximum value of 2.24 L at the end of 
the fermentation. As a result, the yield coefficient YX/N was calculated at 3.52 gg-1. This 
value fell in the range of already reported literature data for E.coli of YX/N = 1.65 – 4.94 
gg-1 [Babaeipour et al. 2006]. The NH4OH curve (Fig. 3.1C) increased in parallel to the 
curve of the dry cell weight concentration (Fig. 3.1A). The consumption of base during 
the cultivation of E.coli could thus be used as a valuable signal for an online estimation 
of biomass and the specific growth rate [Hoffmann et al. 2000; Schmidt et al. 1999].    
 
3.3.2 High cell-density cultivation with glycerol as C-source 
 
In the experiment shown in Fig. 3.2, glycerol was applied as C-source. According to 
Fig. 3.2A, the dry cell weight concentration in the batch phase increased from an initial 
concentration of 1.9 gL-1 to a concentration of 4.2 gL-1. Once the glycerol was totally 
consumed within this time period of 5.5 h, the fed-batch phase was initiated. The 
feeding rate F of a 870 gL-1 glycerol solution was calculated according to Eq. 3.1 using 
the parameters presented in the caption of Fig. 3.2. After the fed-batch phase started, the 
biomass concentration increased exponentially to a maximum of 85 gL-1 until the end of 
the fermentation (25 h). As a result, the STY was calculated at 3.40 gL-1h-1. During the 
fed-batch phase, glycerol and acetate were not detectable in the supernatants of the 
respective samples. As shown in Fig. 3.2A, the curve of ∆C rose to 4 pFcm-1 at the end 
of the batch phase. After that, an exponential increase followed. At the end of the 
fermentation, ∆C reached a maximum of 37 pFcm-1. The noise level of ∆C decreased 
from 2 pFcm-1 at the beginning to approx. 0.3 pFcm-1 at the end of the fermentation. 
The decrease in the noise level of ∆C could be explained as in Fig. 3.1 by the 
drecreasing conductivity (start: 31 mScm-1; end: 12 mScm-1) of the fermentation broth 
(progression is not shown).   
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Fig. 3.2: High cell-density cultivation of E.coli VH33 in minimal medium with glycerol as C-
source: (A) dry cell weight concentration, ∆C (capacitance increment); (B) OTR, overpressure, 
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kLa value (inlay); (C) absolute dry cell weight (open squares) and a curve fitted with µexp = 
0.170 h-1, amount of added NH4OH (25%) for pH titration; initial glycerol concentration 5 gL−1, 
superficial gas velocity 0.00179 ms−1, temperature 37 °C, pH 7.0 ± 0.1, constant stirrer speed of 
650 rpm, DOT was above 30% air saturation during the whole fermentation time, parameter for 
the calculation of the feed rate: reactor filling volume at beginning of fed-batch 15.2 L, 
concentration of biomass at beginning of fed-batch 4.0 gL−1, biomass yield 0.48 gg−1, 
concentration of glucose in feed solution 870 gL−1, density of feed solution 1230 gL-1, setpoint 
of specific growth rate 0.17 h−1. 
 
As shown in Fig. 3.2B, the OTR in the batch phase rose to a maximum of 0.06 molL-1h-
1
 until the glycerol had been totally depleted. To avoid oxygen limitation in this time 
period, the rotation speed of the stirrer had to be maintained at a value of 650 rpm from 
the beginning of the fermentation, and the overpressure had to be increased stepwise 
starting at 1.8 h fermentation time to a maximum value of 2.0 bar at the end of the batch 
phase. Although both fermentations shown in Fig. 3.1 and 3.2 were initiated with the 
same amount of carbon source (5 gL-1 glucose or glycerol, respectively; see Sect. 3.2.2), 
the overpressure had to be increased already in the batch phase using glycerol, as this 
carbon source is more reduced than glucose and requires more oxygen for complete 
oxygenation. This led to a higher OTR and higher values for the overpressure and the 
rotation speed of the stirrer, respectively. As shown in Fig. 3.2B, during the fed-batch 
phase the OTR increased exponentially to a maximum of 0.984 molL-1h-1. This value 
was, to our knowledge, the highest respiration activity ever detected in a microbial 
fermentation. To reach these high OTR values the overpressure had to be increased 
incrementally to a maximum of 8 bar at the end of the fermentation. Here, this 
maximum value was approx. 1 bar lower than the overpressure needed in the 
fermentation using glucose as C-source (Fig. 3.1B). Thus, the rotation speed of the 
stirrer was maintained at 650 rpm over the entire fermentation time compared to 500 
rpm using glucose. Again, the overpressure curve remained at a plateau of approx. 2.5 
bar in the time period between 14 h and 18 h (Fig. 3.2B), comparable to the plateau 
observed during the fermentation using glucose as a carbon source in the time range 
between 11 h and 15 h (see Fig. 3.1B). During this time range of 14 h and 18 h (Fig. 
3.2B) the OTR curve rose continuously. Here, an increase in the kLa value could be 
observed (inlay of Fig. 3.2B) that is caused by the surface of the broth contacting the 
second blade of the six-blade standard Rushton turbine resulting from the rising reactor 
volume in the fed-batch mode. The kLa value started at approx. 400 h-1 to 600 h-1 and 
remained constant at this range until it rose to approx. 1700 h-1 beginning at a 
fermentation time of ca. 15 hours. Compared to the fermentation using glucose as C-
source (Fig. 3.1B), the plateau was delayed for approx. 3 h, as shown in Fig. 3.2B, 
although a nearly congruent pattern in biomass concentration of both fermentations 
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could be observed (Fig. 3.1A and 3.2A). Thus, this time shift could be attributed to the 
increased substrate concentration in the feed applying glycerol (870 gL-1) compared to 
that with glucose (650 gL-1). Consequently, the reactor filling volume rose slower 
thereby delaying the broth touching the second turbine blade. Because an antifoam 
agent had to be added to counteract foam formation at ca. 22 h, a short decrease in OTR 
could be observed at this time. Therefore, the continuous increase in overpressure was 
disrupted between the fermentation time of 22 h and 23 h and a plateau lasted for 
approx. 1 h. 
    
The experimentally determined specific growth rate µexp was calculated at 0.170 h-1 
according to a mathematical fitting of the absolute dry cell weight vs. fermentation time 
(Fig. 3.2C). The µexp fitted precisely to the predetermined setpoint of the specific growth 
rate µ set at 0.17 h-1 that was used for calculating the feeding rate (see Eq. 3.1). In order 
to maintain the pH value at 7 for the entire fermentation time, the amount of added 
NH4OH (25 %) increased exponentially until a maximum of 2.08 L was attained at the 
end of the fermentation (Fig. 3.2C). Thus, the yield coefficient YX/N was calculated at 
3.69 gg-1 which is comparable to the value of the fermentation using glucose. Even by 
using glycerol as C-source, a parallel increase in the added amount of NH4OH (Fig. 
3.2C) and the dry cell weight concentration (Fig. 3.2A) could be observed. The online 
determined slope for the NH4OH consumption agreed with the direct, online estimation 
of biomass (abs. dry cell weight) and the specific growth rate [Hoffmann et al. 2000; 
Schmidt et al. 1999].    
 
3.3.3 Specific power input 
 
According to Eq. 3.2, the specific volumetric power input P/VL was approx. 3 kWm-3 
for the fermentation using glucose as C-source and ranged from 5 to 6 kWm-3 for the 
fermentation using glycerol as C-source over the entire cultivation time. It should be 
noted that both fermentations were maintained at different stirrer velocities (using 
glucose: 500 rpm; using glycerol 650 rpm). 
 
3.3.4 Correlation of capacitance and dry cell weight  
 
According to Fig. 3.3, the correlations between ∆C and dry cell weight showed linear 
patterns for both fermentations independent of the C-source used (glucose or glycerol). 
Beginning at the origin, both curves stay linear over the entire biomass concentration 
range. For both curves, the coefficient of determination R² indicated a high agreement 
of the proportionality between the online measured capacitance and the offline 
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determined dry cell weight concentration. Depending on the C-source used (glucose or 
glycerol), both curves only depicted marginal differences in their slopes. Upon using 
glucose as C-source, the slope (0.498) of the line is higher than the slope (0.406) for 
glycerol as C-source. 
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Fig. 3.3: Correlation between ∆C (capacitance increment) and dry cell weight concentration of 
E.coli VH33 in minimal medium with a glucose and a glycerol feed. 
 
3.4 Conclusion 
 
Online monitoring of biomass using a capacitance signal is an effective tool to follow 
the cell concentration of E.coli during high cell-density fermentations. In this study, 
biomass concentrations of up to 85 gL-1 dry cell weight and space time yields of up to 
3.40 gL-1h-1 could be achieved. Thereby, the cultures grew under carbon-limiting 
conditions in fed-batch mode using different carbon sources (glucose, glycerol), 
respectively. The aforementioned cell concentrations represent, to our knowledge, the 
highest ever detected biomass concentrations of E.coli using an online impedance 
signal. In this investigation, the progression of capacitance as a function of dry cell 
weight concentration shows a highly linear correlation independent of the applied 
carbon source. This is presumingly attributed to the continuous growth of the cultures 
by controlling the feed at a constant specific growth rate (µ = 0.17 h-1). Furthermore, to 
validate the bacterial viability online, the OTR was additionally monitored, whereby 
very high OTRmax values of 0.691 molL-1h-1 and 0.984 molL-1h-1 were formed using 
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glucose and glycerol as carbon sources, respectively. Similarly, these values represent, 
to our knowledge, the highest respiration activities ever detected in E.coli fermentations 
and prove the viability of the bacteria even at the high concentration range discussed 
here. The online determined ammonia consumption also proves the cell viability at high 
cell densities with congruent increases in biomass and at comparable YX/N values. In 
conclusion, the online capacitance measurement can simplify bioprocesses in stirred 
tank fermenters by reducing offline sampling. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
                                                                                                                              Page 70 
 
Chapter 4 
 
Online determination of biomass in high cell-density processes 
of Arxula adeninivorans in two different minimal media using 
an impedance signal 
 
4.1 Introduction 
 
In general, online signals are increasingly being utilized to monitor bioprocesses. Such 
online analysis provides information about relevant parameters that control the 
particular fermentation. Here typical parameters measured online include temperature, 
pH, DOT and agitation rate. To determine biomass concentration only offline methods 
have been applied as yet. Nevertheless, it is possible to measure online the biomass via 
impedance spectroscopy and to measure online the oxygen transfer rate (OTR), 
carbondioxide transfer rate (CTR) and the respiration quotient (RQ). Impedance 
measurement for yeast cultivations have already been published in the literature for 
Saccharomyces cerevisiae [Krommenhoek et al., 2007] and for A. adeninivorans 
[Maskow et al., 2008a; Maskow et al., 2008b]. For high cell-density cultivation 
(HCDC) with S. cerevisiae in fed-batch mode, impedance data for maximal biomass 
concentration of approximately 100 gL-1 (dry cell weight, dcw) [Mas et al., 2001] and 
120 gL-1 [Xiong et al., 2008] have been cited. In a latter publication, Maskow et al. 
[2008b] characterizes a non-linear trend in the correlation of capacitance as a function 
of biomass concentration for A. adeninivorans. Moreover, Davey et al. [1992] predict a 
non-linear character of the dielectric increment and biomass in HCDC for baker´s yeast 
at concentrations above 80 gL-1 dry cell weight. To determine the dielectric 
characteristics of a broth, in the investigations of Davey et al. biomass samples were not 
taken out of a running fermentation. Instead, the different biomass concentrations were 
adjusted by dilution with cells taken from a block of yeast paste.  
 
In modern biotechnology HCDC are required to optimize product concentration and 
space- time yield focussed on generating biocatalysts with high activity and/or high 
concentrations. Using an exponential feeding strategy, the fermentation is designed to 
minimize cultivation time and to maximize space-time yield [Riesenberg et al., 1999]. 
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As a result of this feeding strategy product quality is improved by decreasing cell stress 
which is caused by excessive protease levels [Knoll et al., 2007]. To create high-cell 
density, the fermentation broth has to be supplied with the required amount of oxygen 
by different procedures. The most common way to supply aerobic yeast fermentations 
with sufficient oxygen is (1) to increase the specific volumetric power input and/or the 
concentration of oxygen in the supply air [Jenzsch et al., 2004] or (2) to increase the gas 
pressure in the headspace of the bioreactor [Belo et al., 2003; Knoll et al., 2007]. 
 
High biomass concentrations in fermentation processes additionally require a high 
supply not only of carbon source but also of basic mineral salts. Many yeast 
fermentation processes in HCDC work with mineral media [Clare et al., 1991; van Hoek 
et al., 2000] partially by supplementation of complex components [Belo et al., 2003; Raj 
et al., 2002; Shang et al., 2006]. The use of pure minimal media without complex 
components has the advantage that it reduces impurities with respect to quality control 
for pharmaceutically related products [Mendoza-Vega et al., 1994]. Thereby, any 
variation in production lots of complex nutrients is avoided, which would lead to 
irreproducible fermentations and product yields [Zhang et al., 2003]. Moreover, foam 
formation can be minimized for highly aerated processes required by HCDC. 
 
However, an excessive supply of nutrients may also inhibit microbial growth. Basal 
nutrients such as mineral ions must be analyzed with respect to fermentation time. 
Besides already established offline methods for assaying mineral nutrients, there are 
fewer methods for online analysis of conductive nutrients cited in the literature 
[Maskow et al., 2008b; Xiong et al., 2008]. Variations in concentrations of mineral 
components in a fermentation broth influence the conductive character of the solution. 
Maskow et al. [2008b] simultaneously show the time course of a conductivity signal 
and the depletion of a nitrogen source in a fermentation broth of A. adeninivorans up to 
a maximal biomass concentration of 14 gL-1. For HCDC of S. cerevisiae Xiong et al. 
[2008] describes a progression in conductivity for an industrial complex medium (cX,max 
= 20 gL-1), however, did not measure the concentration of conductive compounds.  
 
The focus of this study is to show for the first time the progression of the impedance 
signal of a fermentation broth for a HCDC of the unconventional yeast A. adeninivorans 
cultivated in a stirred tank bioreactor. Having high osmotolerance [Wartmann et al., 
2000a; Wartmann et al., 2000b] and high  halotolerance [Yang et al., 2000] this 
organism is well suited for HCDC in minimal media to generate biomass concentrations 
above 100 gL-1 [Knoll et al., 2007]. For this purpose the OTR is increased by using a 
fermenter with elevated headspace pressure of up to 10 bar. Besides the online 
monitoring of yeast growth via impedance, this study also aims to show the concurrent 
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consumption of media components by the cells with regard to the online measured 
conductivity of the fermentation broth. 
 
4.2 Materials and Methods 
 
4.2.1 Microbial strain 
 
In these investigations, the yeast Arxula adeninivorans G1212/pGH115/1/2/34/1-
pGH107/36/13 was used.  
 
4.2.2 Culture Media 
 
4.2.2.1 Preculture  
 
To cultivate the yeast A. adeninivorans, two different preculture media for shake flasks 
and two media for main culture in the fermenter were used. For the first preculture step 
the YEP-G medium consisted of, in gL-1: yeast extract (Roth), 10; peptone from casein 
(Roth), 20; glycerol, 20. Before the medium was sterilized, the pH was adjusted to 6 
with the help of sulfuric acid (30%). The medium SYN-6 for the second preculture step 
contained, in gL-1: Glucose, 20; KH2PO4, 1; NaCl, 0.3; KCl, 3.3; (NH4)2SO4, 7.66; 
MgSO4·7H2O, 3; MES (2-morpholinoethanesulfonic acid), 27.3; CaCl2·2H2O, 0.2; 
EDTA (Titriplex III), 0.0665; (NH4)2FeSO4·6H2O, 0.0665; CuSO4·5H2O, 0.0055; 
ZnSO4·7H2O, 0.02; MnSO4·H2O, 0.0265; NiSO4·6H2O, 0.00065; CoCl2·6H2O, 0.00065; 
H3BO3, 0.00065; KI, 0.00065; Na2MoO2·2H2O, 0.00065; thiamine HCl, 0.013; biotine, 
0.04.  
 
4.2.2.2 Main culture 
 
Two different minimal media were applied to cultivate the yeast in the main culture: 
modified SYN6 medium and BSM medium. The media were each prepared according 
to Knoll et al. [2007] and Clare et al. [1991], respectively. 
 
4.2.2.3 Composition for the modified SYN6 medium 
 
The applied modified SYN6 medium [Knoll et al. 2007] consisted of, in gL-1: Glucose, 
25; (NH4)2SO4, 21.5; KH2PO4, 15.7; NaCl, 0.3; KCl, 3.3; MgSO4·7H2O, 8.4; 
CaCl2·2H2O, 4; EDTA (Titriplex III), 0.13; (NH4)2FeSO4·6H2O, 0.27; CuSO4·5H2O, 
0.011; ZnSO4·7H2O, 0.08; MnSO4·H2O, 0.11; NiSO4·6H2O, 0.0027; CoCl2·6H2O, 
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0.0027; H3BO3, 0.0027; KI, 0.0027; Na2MoO2·2H2O, 0.0027; thiamine HCl, 0.53; 
biotine, 0.0008; Plurafac LF1300 (anti foam agent, BASF AG, Ludwigshafen, 
Germany), 1 mLL-1. After sterilisation the pH was adjusted to a value of pH = 6 using 
25 % NH4OH. The feed solution contained: glucose, 650 gL-1. 
 
4.2.2.4 Composition for the BSM medium 
 
The applied BSM medium [Clare et al. 1991] contained, in gL-1: Glucose, 25; 
CaCl2·2H2O, 0.6; K2SO4, 18; KOH, 4; MgSO4·7H2O, 14; phosphoric acid 85%, 26 
mLL-1; BSM trace element solution, 8 mLL-1; vitamine solution, 8 mLL-1; Plurafac 
LF1300, 1 mLL-1. The BSM trace element solution consisted of, in gL-1: CuSO4·5H2O, 
6; KI, 0.08; MnSO4·H2O, 3; Na2MoO2·2H2O, 0.2; H3BO3, 0.02; CoCl2·6H2O, 0.5; 
ZnCl2, 20; FeSO4·7H2O, 65; H2SO4 (30%), 5 mLL-1. After sterilisation the pH was 
adjusted to a value of pH = 6 using 25 % NH4OH. The vitamine solution contained, 
biotine 0.2 gL-1. According to Clare et al. [1991], the feed solution contained: glucose, 
800 gL-1; BSM trace element solution, 10 mLL-1; vitamine solution, 10 mLL-1. The 
BSM medium initially does not contain any nitrogen source after sterilisation and the 
pH-value is 2. Thus, after sterilisation, NH4OH has to be transferred to the bioreactor to 
increase the pH level to pH = 6. 
 
4.2.3 Yeast cultivation 
 
The A. adeninivorans strain was stored in a complex medium (YEP-G) containing 33% 
(v/v) glycerol at -80 °C before two preculture steps were initiated for the inoculation of 
the main culture in the bioreactor. All precultures were run in 1000 mL Erlenmeyer 
shake flasks at shaking frequencies of 300 rpm and 50 mm shaking diameter. The used 
media and shaking conditions were first investigated by using Respiration Activity 
MOnitoring System (RAMOS) [Anderlei et al., 2004] equipped with 250 mL RAMOS 
shake flasks to avoid depletion of the carbon source over the entire preculture time and 
to ensure a viable broth for the inoculation of the main culture. Thereafter, the shaking 
conditions (filling volume, shaking frequency and diameter) were converted from 250 
mL to 1000 mL shake flask scale [Maier et al., 2004]. Associated data generated with 
the RAMOS device are not shown here.  
 
The first preculture medium was YEP-G. A quantity of 100 mL of YEP-G was 
inoculated with 1 mL cryoculture and cultivated in one shake flask at 30 °C for 16 h. 
For the second preculture 1.2 L of SYN-6 medium was inoculated with the total amount 
of the first preculture and distributed among twelve shake flasks for cultivation at 30 °C 
for 33 h.  
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High cell-density cultivations in the main culture were run in a 50 L stirrer tank 
bioreactor (LP 351, Bioengineering AG, Wald, Switzerland) which is described in detail 
in Maier et al., [2001] and Knoll et al. [2007]. Starting in batch mode, 14 L of the 
respective main culture medium (modified SYN6 or BSM) was inoculated with 1.2 L of 
the second preculture. After depletion of glucose was indicated by a sharp increase in 
the DOT signal, the fed-batch cultivation was started. To obtain a constant growth of 
the yeast during fed-batch under carbon limitation, an exponential feeding rate was 
applied, that was calculated, according to Eq. 4.1, taken from Knoll et al. [2007].  
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  (4.1) 
 
For the gradually increasing oxygen demand of the aerobic fermentations, the headspace 
pressure of the bioreactor was incrementally increased to a maximal overpressure of 9.5 
bar (0.95 MPa), to keep the DOT above a minimal value of 30% air saturation. 
Simultaneously, the aeration rate was increased to realize a constant superficial gas 
velocity inside the bioreactor [Knoll et al. 2005] at a value of 0.00358 ms-1. The pH was 
controlled at a value of 6 by adding 25 % NH4OH. During all cultivations, the stirrer 
velocity was kept constant at a value of n = 600 rpm. According to Eq. 4.2, the specific 
volumetric power input was calculated via the torque using a sensor installed at the 
bottom of the stirrer shaft [Knoll et al. 2007]. As a result, the specific volumetric power 
input ranges from 3 to 4.5 kWm-3 over the whole cultivation time of both HCDC. Using 
a Henry coefficient of 909 barL-1mol-1 for the calculation, the kLa value for both 
fermentations stays at approx. 350 h-1. 
 
LL V
nM
V
P pi2
=         (4.2) 
 
 
4.2.4 Analytical methods 
 
4.2.4.1 Capacitance measurement  
 
An Aber ProbeTM of 25 mm diameter with four annular ring electrodes was connected 
to a Biomass Monitor 210 (Aber Instruments, Aberystwyth, Wales, UK) for determing 
viable cell concentration. Placed in an Ingold connector at the side of the fermentation 
vessel, the probe was integrated in the insitu sterilization process of the reactor (121 °C, 
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20 min). Capacitance values were calculated online and resulted from the difference 
between two measurement points made at two frequencies according to Eq. 4.3. The 
capacitance increment (∆C) values calculated in the dual-frequency mode were 
transmitted to a computer using an automatic data aquisition system (ADC-16, 
PicoRecorder, Pico Technology Limited, UK).  
 
∞
−=∆ CCC β
                                                           (4.3) 
whereby: Cβ (f = 0.5 MHz); C∞ (f = 15.649 MHz) 
 
4.2.4.2 Offline measurement of biomass concentration 
 
Depending on the biomass concentration two procedures for determing dry cell weight 
were applied. For lower biomass concentrations (< 120 gL-1 dry cell weight), the dry 
cell weight was determined by centrifugation of four preweighed Eppendorf tubes each 
with a filling volume of 2 mL culture broth. After centrifugation (18000 x RFC, 10 min, 
Sigma 1-15 microcentrifuge, Sartorius, Germany), the resulting biomass pellets were 
separated from the supernatant and stored at 80 °C in an oven until the mass, weighed 
with an electronic precision balance (SBC 31, Scaltec, Göttingen, Germany), remained 
constant. Once the biomass concentration exceeded a certain level (> 120 gL-1 dry cell 
weight), the dry cell weight in the foamy broth was determined by centrifugation of two 
preweighed Falcon tubes (15 mL) each with a filling volume of approx. 10 mL culture 
broth. After they were centrifuged (4000 x RFC, 30 min, 4°C, Rotina 35R, Hettich 
Zentrifugen, Tuttligen, Germany), the volume was defined by using the graduation lines 
on each tube. Afterwards, the biomass pellets were separated from the supernatant and 
stored at 80 °C in an oven until the mass, weighed with an electronic precision balance 
(SBC 31, Scaltec, Göttingen, Germany), remained constant. 
 
4.2.4.3 Online detection of medium conductivity 
 
Online conductivity was determined by applying the 4-electrode conductivity sensor 
InPro 7108/25-VP in combination with the transmitter M300 (both fabricated from 
Mettler-Toledo GmbH, Göttingen, Germany) for data processing. Bevore each 
fermentation run, the electrode was two-point calibrated using a 0.1 mS/cm (Mettler 
Toledo, No. 58078002) and a 100 mS/cm (Mettler Toledo, No. 58078005) standard 
solution.  
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4.2.4.4 O2 and CO2 measurement in the exhaust gas 
 
The O2 and CO2 concentrations were measured by means of an exhaust gas analyzer 
(Rosemount NGA 2000, Emerson Process Management GmbH&Co. OHG, Haan, 
Germany) using a paramagnetic analyzer and an infrared analyzer, respectively. Oxygen 
consumption of the yeast was calculated via the OTR as described previously [Knoll et 
al., 2007]. 
 
4.2.4.5 Offline measurement of NH4+- and K+-concentration 
 
The concentrations of NH4+- and K+-ions were monitored offline by using a BioProfile 
100 Plus biochemical analyzer (Nova Biomedical, Waltham, USA) in which the 
supernatant was injected and the NH4+- and K+-ions were quantified simultaneously by 
means of ion-sensitive electrodes. 
 
4.2.4.6 Photometric measurement of phosphate and sulfate 
 
The PO43--ion concentration in the supernatant was measured using the cuvette test kit 
(Merck, No. 1.00616.0001) through detection of phosphomolybdenum blue (PMB) that 
accumulates in a sulfuric acid solution in the presence of PO43--ions. To quantify the 
SO42--ion concentration, a different cuvette test kit (Merck, No. 1.14548.0001) was 
used. Here, in the presence of SO42--ions, Ba2+-ions react to poorly soluble BaSO4 
which can be detected by a photometric signal. Both the PO43-- and the SO42--ion 
concentrations were measured using a Nova Spectroquant 60 (Merck, Darmstadt, 
Germany). 
 
 
4.3 Results and discussion 
 
4.3.1 High cell-density cultivation in the modified SYN6 medium 
 
4.3.1.1 The change in culture conditions during the growth phase 
 
After the glucose (C-source) in the batch phase had been totally consumed as indicated 
by the short decrease in the OTR after 24 h (Fig. 4.1B), the feeding was initiated 
according to Eq. 4.1. During the fed-batch phase, the online signals for ∆C (Fig. 4.1A) 
and OTR (Fig. 4.1B) as well as the offline signal for biomass (dry cell weight) increase 
exponentially just like the predetermined, exponential feeding pattern. According to the 
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mathematical fitting of the total dry cell weight over time shown in Fig. 4.1C, the 
experimentally determined value for the specific growth rate µexp reaches 0.15 h-1. This 
experimental value is in full agreement with the set value. In this case, it is necessary to 
use the absolute dry cell weight over time to exclude dilution effects of the broth during 
the fed-batch mode. 
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Fig. 4.1: High cell density cultivation of A. adeninivorans ScFvBa11 in modified SYN6 
medium, (A) dry cell weight, ∆C (capacitance increment), (B) OTR, overpressure, (C) abs. dry 
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cell weight (open squares) and a curve fitted with µ; glucose as C-source, initial glucose 
concentration 27.5 gL−1, superficial gas velocity 0.0036 ms−1, temperature 30 °C, pH 6.0 ± 0.1, 
constant stirrer speed of 600 rpm, parameter for the calculation of the feed rate: reactor filling 
volume at beginning of fed batch 15.2 L, concentration of biomass at beginning of fed batch 
18.75 gL−1, biomass yield 0.5 gg−1, concentration of substrate in feed solution 650 gL−1, setpoint 
of specific growth rate 0.15 h−1, DOT was above 30% air saturation during the whole time of the 
fermentation. 
 
At the end of the fermentation, a maximum biomass concentration of 122 gL-1 dry cell 
weight and ∆C = 31 pFcm-1 is attained (Fig. 4.1A). In the first 28 h of measurement, the 
values for ∆C show noise level in the range of approx. 3 pF/cm-1 which decreases 
towards the end of the fermentation. This trend is stimulated by a decrease in 
conductivity (Fig. 4.2B) in the fed-batch mode [Maskow et al., 2008a].  
 
According to Fig. 4.1B, the overpressure increased stepwise until a maximum of 4.25 
bar was reached at 42 h. After 39 h, the OTR peaked at 0.26 molL-1h-1. Within the next 
3 h, the OTR signal dropped to a value of approx. 0.18 molL-1h-1. Although the dry cell 
weight and the ∆C continue to increase, the fermentation had to be stopped at a process 
time of 42 h due to an increasing accumulation of foam. In order to clarify the decrease 
in OTR, the basal mineral nutrients were analysed.  
 
4.3.1.2 Analysis of mineral nutrients 
 
During the batch phase, the assay of the four analysed mineral nutrients (SO42-; NH4+; 
K+; PO43-) shows different trends as function of time (Fig. 4.2A). The concentrations of 
SO42—and NH4+-ions increase within the first 24 h to a relative level of 150 % and 130 
%, respectively. The concentration of PO43—ions increases from 19 h to 24 h to a 
relative value of 120 %. Only the concentration of K+-ions remains at the initial level 
within the first 30 h. A reason for the increase in NH4+-ions in the medium beginning at 
17 h could be the beginning titration with 25 % NH4OH (Fig. 4.2B) to keep the pH-
level constant at pH = 6. In parallel to the exponential increase in biomass (Fig. 4.1A), 
the amount of added NH4OH also increases exponentially to a maximum value of 
approx. 1.8 L (Fig. 4.2B). As a result of the consumption of NH4+-ions by the yeast, the 
concentration of NH4+-ions remains in the range of 100 % to 140 % relative to the initial 
amount untill the end of the fermentation.  
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Fig. 4.2: High cell density cultivation of A. adeninivorans ScFvBa11 in modified SYN6 
medium, (A) relative salt concentration of the ions PO43- (cinit = 64 mmolL−1), SO42- (cinit = 141 
mmolL−1), NH4+ (cinit = 215 mmolL−1), K+ (cinit = 110 mmolL−1), (B) conductivity and amount of 
added NH4OH (25%) for pH titration. 
 
The increase in NH4+-concentration from a fermentation time of 16 h to 20 h supposedly 
explaines the increase in SO42-- and PO43--ions in the supernatant, because obviously the 
salt precipitates which have formed at the beginning after sterilization redissolve, 
thereby shifting the equilibrium towards the ionic state. This is also indicated by a rise 
in conductivity starting at approx. 55 mScm-1 over the batch phase to approx. 60 mScm-
1
 at the beginning of the fed-batch phase (Fig. 4.2B). 
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After 24 h of fermentation, the concentration of SO42--ions shows a similar pattern as 
that of NH4+-ions and increases from 110 % to 140 %. The concentrations of K+- and 
PO43--ions decrease starting from 24 h to the end of the fermentation (42 h). Ultimately, 
K+-ions reach a relative concentration level of 40 %. The concentration of PO43--ions 
decreases to 0 % at approx. 40 h. The decrease in K+- and PO43--ions can be explained 
by their incorporation into biomass which is necessary for the growth of the yeast. The 
minor decrease in the slope of SO42--curve (Fig. 4.2A) is caused by a reduced 
requirement for the formation of biomass.  
 
According to Fig. 4.2B, the conductivity signal in the fed-batch phase shows an 
exponential decrease to a minimum value of 27 mScm-1 at the end of the fermentation. 
With respect to the whole fermentation time, there is a total conductivity decrease of 
approx. 35 mScm-1. The noise level also decreases from approx. 5 mScm-1 at the 
beginning of the fermentation to approx. 2 mScm-1 at the end. 
 
Towards the end of the fermentation a PO43--limitation can be detected off-line (Fig. 
4.2A). The online analysis shows a noticeable decrease in respiration activity indicated 
by the decline in OTR at approx. 39 h (Fig. 4.1B). However, a continuing increase in 
biomass can be observed by the unchanged rise in dry cell weight (Fig. 4.1A and 4.1C) 
and an increase in ∆C (Fig. 4.1A). Additionally, the decrease in the conductivity signal 
(Fig. 4.2B) is not influenced by the PO43--limitation at the end of the fermentation. 
 
4.3.1.3 Correlation of capacitance and dry cell weight 
 
The correlation between ∆C and dry cell weight is shown in Fig. 4.5. The slope of the 
curve ∆C as a function of biomass – equal to 0.260 – is linear over the whole biomass 
range to a maximal value of 125 gL-1 dry cell weight. The coefficient of determination 
R2 is calculated at 0.979.   
 
4.3.2 High cell-density cultivation in the BSM medium 
 
4.3.2.1 The change in culture conditions during the growth phase 
 
The results presented in Fig. 4.3 were conducted using the BSM medium taken from 
Clare et al. [1991]. In order to attain higher biomass concentrations, this medium was 
chosen because of its higher mineral nutrient content than that of the modified SYN6 
medium (see 4.2.2.3); the quantity of PO43--ions in the BSM medium is 3.6-times 
greater than in the modified SYN6 medium. PO43--ions has been shown in Fig. 5.2A to 
be limiting in modified SYN6 medium. 
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Fig. 4.3: High cell density cultivation of A. adeninivorans ScFvBa11 in BSM medium, (A) dry 
cell weight, ∆C (capacitance increment), (B) OTR, overpressure, (C) abs. dry cell weight (open 
                                                                                                                              Page 83 
squares) and a curve fitted with µ; glucose as C-source, initial glucose concentration 25 gL−1, 
superficial gas velocity 0.0036 ms−1, temperature 30 °C, pH 6.0 ± 0.1, constant stirrer speed of 
600 rpm, parameter for the calculation of the feed rate: reactor filling volume at beginning of 
fed batch 15.2 L, concentration of biomass at beginning of fed batch 18.5 gL−1, biomass yield 
0.5 gg−1, concentration of substrate in feed solution 800 gL−1, setpoint of specific growth rate 
0.15 h−1, DOT was above 30% air saturation during the whole time of the fermentation. 
 
Within the first 20 h the fermentation runs in batch mode. Here, the biomass and the 
OTR increase to maximal values of 18.5 gL-1 dry cell weight (Fig. 4.3A) and 0.06 molL-
1h-1 (Fig. 4.3B), respectively. The signal for ∆C increases to a value of approx. 5 pFcm-1 
within a noise level of 2 pFcm-1 (Fig. 4.3A). The fed-batch phase was initiated after a 
short increase in DOT at 20 h, indicating the depletion of the carbon source. In the fed-
batch mode, feeding this time a glucose solution with 800 gL-1, the culture grows 
exponentially and increase to a maximal biomass concentration of 174 gL-1 dry cell 
weight (Fig. 4.3A) and an OTRmax of 0.56 molL-1h-1 (Fig. 4.3B). Therefore, the 
headspace overpressure was increased exponentially to a maximal value of 9.5 bar (Fig. 
4.3B). At the end of the fed-batch phase, ∆C rose to a maximal value of 35 pFcm-1. 
 
The specific growth rate µexp was determined experimentally at 0.15 h-1 by fitting the 
absolute dry cell weight over fermentation time (Fig. 4.3C). As already exhibited in the 
HCDC using the modified SYN6 medium (Fig. 4.1C), also in this fermentation µexp 
agrees completely with the predetermined set-point of the specific growth rate of µ set = 
0.15 h-1 used for the calculation of the feeding rate F (Eq. 4.1).   
 
4.3.2.2 Analysis of mineral nutrients 
 
Upon choosing the BSM medium, the initial concentration of the four analyzed mineral 
nutrients differed from those in the modified SYN6 medium. With BSM, the 
concentrations increased as follows: PO43-- (3.6-fold), K+- (1.3-fold) and NH4+-ions 
(1.3-fold). Only the initial concentration of SO42--ions was hereby reduced (1.2-fold). 
 
                                                                                                                              Page 84 
20
40
60
80
100
120
0 6 12 18 24 30 36 42 48
20
25
30
35
40
45
50
55
60
65
70
 SO4
2-
 NH4
+
 K+
 PO4
3-
(A)
 
 
 
re
la
tiv
e 
s
al
t c
o
n
ce
n
tr
at
io
n
 
[%
]
 conductivity
(B)
co
n
du
c
tiv
ity
 
[m
Sc
m
-
1 ]
time [h]
 batch
 
fed-batch
0.0
0.5
1.0
1.5
2.0
2.5
3.0
 NH4OH (25%)
 
am
o
u
n
t o
f a
dd
ed
 
N
H
4O
H
 
(25
%
) [
L]
 
Fig. 4.4: High cell density cultivation of A. adeninivorans ScFvBa11 in BSM medium, (A) 
relative salt concentration of the ions PO43- (cinit = 229 mmolL−1), SO42- (cinit = 116 mmolL−1), 
NH4+ (cinit = 288 mmolL−1), K+ (cinit = 145 mmolL−1), (B) conductivity and amount of added 
NH4OH (25%) for pH titration. 
 
As shown in Fig. 4.4A, all four analyzed ion concentrations remain within the range of 
90 % to 95 % relative to their initial value during the first 20 h. Compared to Fig. 4.2A, 
a tendency towards increasing mineral nutrient concentrations could not be detected 
from the available analysis, although the addition of NH4OH for pH control starts at 15 
h. Presumably, redissolving of precipitated salts did not occur due to differences in 
media composition (see 4.2.2.3 and 4.2.2.4). After the start of the feeding, all four 
concentration curves show different but decreasing trends. Towards the end of the 
fermentation, the respective relative concentration of PO43--ions fall to 35 %, K+-ions to 
45 %, SO42--ions to 70 % and NH4+-ions to nearly 80 % of the relative initial 
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concentration (Fig. 4.4A). Compared to the other ions, the decrease in NH4+-ions ís not 
as pronounced, because NH4OH is continually added to the medium for pH control. 
 
Upon using the BSM medium, no limitation for mineral nutrients could be observed at 
the end of the fermentation, although the maximal biomass concentration shows a 
relative increase of 52 gL-1 compared to the HCDC with the modified SYN6 medium. 
This effect is also illustrated by the continuous exponential increase of OTR to 
extremely high values until the end of the fermentation (Fig. 4.3B).   
 
The overall pattern of consumption of mineral salts shows a similar trend compared to 
the pattern shown in Fig. 4.2A. Thus, in both fermentations, with different media, the 
largest relative decrease is observed for PO43--ions followed by K+-ions. The change of 
SO42-- and NH4+-ions show a nearly congruent pattern by using the medium BSM. 
Finally, it should be mentioned that the very low amounts of K+-ions (0.0001 % of total 
amount of K+-ions in the main culture medium) and SO42--ions (1.91 % of total amount 
of SO42--ions in the main culture medium) contained in the trace element solution added 
to the feed solution in use of the BSM medium (see 4.2.2.4) results in no detectable 
increase in the concentration (Fig. 4.4A) nor in the conductivity signal (Fig. 4.4B) 
during the fed-batch phase. 
 
The conductivity signal shown in Fig. 4.4B remains at a plateau at approx. 63 mScm-1 
during the batch phase and, during the fed-batch phase, begins to decrease linearly to a 
minimal value of 24 mScm-1 at the end of the fermentation. During the whole 
fermentation a conductivity decrease of approx. 41 mScm-1 can be observed. In the 
modified SYN6 medium, the total conductivity decreases by 35 mScm-1. This smaller 
difference for the modified SYN6 medium is attributed to a reduced consumption of 
mineral nutrients due to a reduced final biomass concentration level of 52 gL-1 dry cell 
weight. In BSM medium (Fig. 4.4B), 0.6 L NH4OH is initially added to the medium. As 
the result of titration, this volume increases exponentially starting at 15 h to a maximum 
value of approx. 2.9 L at 39 h. The BSM medium initially does not contain any nitrogen 
source after sterilisation and the pH-value is 2. Thus, approx. 0.6 L of 25 % NH4OH has 
to be transferred to the bioreactor to increase the pH level to pH = 6. With respect to the 
NH4+-concentration in the supernatant, the initial NH4+-concentrations of the modified 
SYN6 medium (cinit = 215 mmolL−1) and the pH adjusted BSM medium (cinit = 288 
mmolL−1) are comparable. At the end of both HCDC, the nitrogen yield coefficients 
YX/N are comparable. In the fermentation using the modified SYN6 medium, the YX/N 
value is calculated at 9,78 gg-1. Using the BSM medium the YX/N value is calculated at 
9,81 gg-1.  
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4.3.2.3 Correlation of capacitance and dry cell weight 
 
As shown in Fig. 4.5, there is a linear correlation between ∆C and dry cell weight up to 
a maximal value of 174 gL-1; the slope is 0.216. The coefficient of determination is 
calculated at 0.995.  
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Fig. 4.5: Correlation between ∆C (capacitance increment) and dry cell weight of A. 
adeninivorans ScFvBa11 in BSM medium. 
 
Both datasets (Fig. 4.5) show comparable values for the slope and the coefficient of 
determination and our results show a linear correlation between biomass and ∆C up to a 
very high biomass concentration (174 gL-1 dry cell weight). In contrast, other authors 
[Junker et al., 1994; Maskow et al., 2008a; Maskow et al., 2008b] describe a non-
linearity between biomass and ∆C for S. cerevisiae until a maximal biomass 
concentration of 30 gL-1 dry cell weight and for A. adeninivorans [Maskow et al., 
2008a; Maskow et al., 2008b] up to a maximal biomass concentration of 18 gL-1 dry cell 
weight, respectively. However, by taking into account only the log-phase, both datasets 
show a linear correlation between biomass and ∆C. The nonlinear correlation between 
capacitance and biomass may be attributed to non-continuous growth in batch mode 
[Junker et al., 1994; Maskow et al., 2008b] as well as by a nitrogen limitation [Maskow 
et al., 2008a] and, therefore, a shift from one growth phase to another one.  
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4.4 Conclusion 
 
By using A. adeninivorans in fed-batch mode in a stirred tank reactor on technical scale, 
it has been shown that there is a clear linear correlation between electrical capacitance 
and biomass concentration up to 174 gL-1 dry cell weight. Presumably, this linear 
correlation is attributed to the continuous growth of this yeast strain in fed-batch mode 
by applying a feed profile resulting in a constant specific growth rate. In addition, the 
viability of the cultures have been validated besides the capacitance measurements by 
online OTR-measurements. To our knowledge, the data illustrated in this study 
represent the highest biomass concentration ever detected online with the capacitance 
technique. Furthermore, the highest OTR of 0.56 molL-1h-1 in yeast fermentations could 
be shown in this work. The consumption of four fundamental mineral nutrients (SO42-; 
NH4+; K+; PO43-) in the applied minimal media for HCDC correlated well to the online 
conductivity signal. For both fermentations, the same tendencies regarding consumption 
of these mineral nutrients could be detected. Finally, the applied setup of a pressure 
fermentor in combination with an online detection of biomass minimizes offline 
sampling and analysing and proved to provide very valuable information about the 
bioprocess. 
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Chapter 5 
 
Pressurized cultivation: a viable option to increase oxygen 
transfer and to scale-up plasmid DNA production 
fermentations 
 
5.1 Introduction 
 
The use of pDNA as a therapeutic agent is becoming increasingly important. Currently, 
several pDNA-based drugs for use in humans are being clinically evaluated, whereas 
veterinary products are already in the market [Han et. al., 2009]. Consequently, efficient 
processes for the production of pDNA are required in order to meet the supply for 
clinical evaluations and for the future market. pDNA is produced by aerobic cultivations 
of Escherichia coli. For achieving high productivities, the typical strategy is to attain 
high cell-densities of E. coli in a bioreactor. However, the amount of obtainable 
biomass is often limited by the oxygen transfer capacity of the bioreactor. For instance, 
it has been shown that for E. coli cells growing at a specific rate of 0.15 h-1, OTR values 
higher than 0.5 molL-1h-1 are required for cell concentrations of more than 50 gL-1 
[Knoll et al., 2007]. Such OTR values are difficult to achieve, even at small-scale. If 
aerobic conditions are not satisfied, physiological changes of E. coli occur, like fast 
activation of of fermentative pathways, which negatively affect the process performance 
[Lara et. al., 2006, 2009]. A traditional strategy to increase the OTR is to use oxygen-
enriched air to elevate the partial oxygen pressure and thus the mass transfer driving 
force. This strategy may be expensive at technical and large-scales, and potentially 
dangerous due to the explosive nature of oxygen. An interesting option for increasing 
the OTR is to increase the total pressure in the bioreactor, which has allowed reaching 
OTR values close to 1 molL-1h-1 [Knoll et. al., 2007]. Although this technique has been 
applied to E. coli cultivations for recombinant protein production [Knoll et. al., 2007], 
no report exists on the use of cultivations under pressure for the production of pDNA. It 
is known that cultivation conditions can affect the topological characteristics of the 
produced pDNA [O’Kennedy et. al., 2003], which is an important factor for therapeutic 
applications. Therefore, here the performance of high cell-density E. coli cultivations at 
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small-scale (1 L) using oxygen-enriched air and at a semi-technical scale (50 L) using a 
pressurized bioreactor were compared for the production of a pDNA vaccine. 
 
 
5.2 Materials and Methods 
 
5.2.1 Microorganism and plasmid 
 
Escherichia coli DH5α (F-Φ80dlacZ∆M15, ∆(lacZYA-argF), U169, endA1 recA1 
gyrA96 relA1) was used for plasmid amplification. The plasmid used was pCMV-S, of 
5.58 kb size that contains the S (small protein) region of the hepatitis B virus under 
transcriptional control of human cytomegalovirus early promoter [Davis et al., 1993]. 
Plasmid pCMV-S construction is based on pCDNA3 from Invitrogen, which contains 
the pUC origin of replication. Plasmid pCMVS was used here as a DNA vaccine model. 
 
5.2.2 Culture Media 
 
For cultivating the first preculture, the media TB (Terrific Broth) contained, in g L-1: 
yeast extract, 24; peptone from casein, 12; KH2PO4, 4.72; K2HPO4, 11.36; glycerol, 5; 
ampicillin, 0.1. For the second preculture, the media PAN-SF contained, in g L-1: 
KH2PO4, 13.73; K2HPO4, 16.48; triNa-citrate·2H2O, 1; ZnCl2, 0.1; FeSO4·7H2O, 0.15; 
(NH4)2SO4, 5; CaCl2·2H2O, 0.02; MgSO4·7H2O, 0.3; glycerol, 20; ampicillin, 0.1; PAN 
trace element solution, 1 mL L-1; thiamine solution, 1 mL L-1. The PAN trace element 
solution contained, in g L-1: Al2(SO4)3·18H2O, 2; CoSO4·6H2O, 0.75; CuSO4·5H2O, 2.5; 
H3BO3, 0.5; MnSO4·H2O, 24; Na2MoO2·2H2O, 3; NiSO4·3H2O, 2.5; ZnSO4·7H2O, 15; 
H2SO4 (30%), 2 mL L-1.  The thiamine stock solution concentration was 5 g L-1.  
 
5.2.3 Precultures development 
 
The organism was stored in complex medium (TB) containing 33% (v/v) glycerol at -80 
°C before the two preculture steps were begun to inoculate the main culture in the 
bioreactor. Erlenmeyer shake flasks at stirrer frequencies of 300 rpm and 50 mm 
shaking diameter at 37 °C. E. coli pCMV-S was cultivated in the first preculture step in 
TB medium (50 mL for the 50 L bioreactor; 5 mL for the 1 L bioreactor) for 7 h. In the 
second preculture step, PAN-SK medium (1.2 L for the 50 L bioreactor divided among 
twelve 1 L Erlenmeyer flasks; 50 mL for the 1 L bioreactor in a 500 mL Erlenmeyer 
flask) was inoculated with the total amount of the first preculture and the bacteria in the 
flasks were cultivated for 20 h.  
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5.2.4 Bioreactor cultivations 
 
High cell-density cultivations of E. coli pCMV-S were performed in two different 
bioreactor systems. A small scale 1 L bioreactor (New Brunswick Scientific, Edison, 
NJ) operated at a stirring speed of 600-800 rpm was used for the gas-blending 
experiments. The initial batch volume was 0.5 L, and the gas flow was kept constant to 
0.5 Lmin-1. The inlet gas composition was manipulated via two mass flow controllers 
(MFC) (Brooks Instruments, Ede, The Netherlands, 1 Lmin-1 capacity) as follows: one 
MFC calibrated for air was operated in order to supply a flow rate of 0.5 Lmin-1. In 
order to maintain a minimum dissolved oxygen tension (DOT) of 30 % air saturation, 
the air was progressively enriched with pure O2 using a second MFC (calibrated for O2). 
The gases flow was controlled in order to maintain constant the total gas inlet flow to 
the bioreactor. Oxygen content in the off-gases was quantified with a CAI 1000 gas 
analyzer (California Analytical Instruments, Orange, CA). 
 
For cultivation under elevated pressure, a technical 50 L stirred tank bioreactor (LP 351, 
Bioengineering AG, Wald, Switzerland), described in detail by Maier et. al. [2004] and 
Knoll et. al. [2007] was used with an initial volume of 20 L. The headspace pressure of 
this bioreactor was stepwise increased in order to keep the DOT value above 30 % air 
saturation. In addition the aeration rate was increased in parallel to the pressure to 
maintain the superficial gas velocity inside the bioreactor [Knoll et. al., 2005] at a value 
of 0.00298 ms-1. This can be compared to an aeration rate of 0.5 vvm at ambient 
pressure. The stirring speed during the fed-batch phase was kept constant at 500 rpm. 
Oxygen content in the off-gases was determined using an exhaust gas analyzer 
(Rosemount NGA 2000, Emerson Process Management GmbH&Co. OHG, Haan, 
Germany). 
 
All cultivations started with a batch phase using glycerol (10 gL-1) as the carbon source. 
Once glycerol was consumed (as evidenced from a sudden increase in DOT), an 
exponential feeding of glucose solution was started according to the following 
algorithm: 
 
( )Fset tt
SF
LFXF
FS
SX
set e
c
Vc
m
Y
F −⋅⋅⋅⋅








+= µρµ
                                  (5.1) 
where F is the feeding rate (gh-1), µ set is the desired specific growth rate (0.15 h-1), YX/S 
is the biomass yield on glucose (0.5 gg-1), mS is the maintenance coefficient on glucose 
(0.02 gg-1h-1), ρF is the density of the feeding solution (1210 gL-1), cXF and VLF are the 
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dry biomass concentration (5 gL-1) and the liquid volume at the start of the fed-batch 
phase (20 L) respectively, cSF is the concentration of glucose on the feeding solution 
(650 gL-1), t and tF are the process time and the time at the beginning of the fed-batch, 
respectively (h). The pH-level was controlled in a range of 6.8 ± 0.1 by adding 25 % 
NH4OH on demand.  
 
5.2.5 Analytical Procedures 
 
Cell concentration was followed as dry cell weight of samples taken at regular intervals, 
which were dried at 65 °C for at least 18 hours. Glucose and acetate were quantified in 
the supernatants using HPLC as described elsewhere [Lara et al., 2006]. pDNA was 
extracted from frozen (-20 °C) biomass pellets using a commercial kit (Qiagen Spin 
MiniPrep kit, Qiagen, Hilden, Germany). Isolated pDNA was loaded into 1% precasted 
agarose gels (Invitrogen, Carlsbad, CA), which are previously stained with ethidium 
bromide. On each gel, 2, 4 and 6 µL of a high mass quantitative DNA ladder 
(Invitrogen, Carlsbad, CA) were also loaded. This allowed obtaining linear correlations 
of intensity and mass content of several bands and using them to quantify pDNA. Gels 
were run following the instructions of the manufacturer and photographed under 
irradiation with UV light. pDNA was analyzed densitometrically using the Image J 
software (NIH, Bethesda, USA).  
 
5.3 Results and Discussion 
 
The performance of bacterial production of pDNA was tested in a pressurized bioreactor 
and compared to the traditional strategy of introducing oxygen-enriched air to the 
culture in order to assure aerobic conditions. Additionally, these experiments allowed 
evaluating the suitability bioreactor pressurization for the scale-up of E. coli cultivation 
(from 1 to 50 L scale).  
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Fig. 5.1: (A) Time course of biomass and pDNA accumulation, (B) OTR and oxygen content of 
the inlet gas and (C) specific plasmid content (YXP) and % of multimeric plasmid  in the small-
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scale cultivation using oxygen-enriched air. Vertical dotted line indicates the transition from 
batch to fed-batch operation. 
 
Fig. 5.1A shows the time course of biomass accumulation and pDNA production in the 
1 L bioreactor. There was a lag phase of around 4 h. The total consumption of glycerol 
took 10 h (batch phase), and then the glucose solution started to be fed. For the rest of 
the cultivation, cells continued growing at a constant specific growth rate of ca. 0.15 h-1. 
After 16 h of cultivation, cell concentration was 6.5 gL-1, and in order to maintain the 
dissolved oxygen (DOT) level at least at 30 % air saturation, a gas blend containing 24 
% of oxygen was injected to the bioreactor (Fig. 5.1B). This yielded an oxygen transfer 
rate of 0.042 molL-1h-1 (Fig. 5.1B). The exponential growth continued until the 
cultivation was finished at 33 h, and so did the amount of oxygen needed in the inlet gas 
(Fig. 5.1B). Neither acetate nor glucose was accumulated during the fed-batch phase. 
The accumulation of pDNA was directly related to biomass growth, except at 30 and 31 
h of cultivation time, when a drop on plasmid concentration was observed (Fig. 5.1A). 
The specific plasmid content (YXP) increased from 1 to 6.7 mgg-1 during the batch phase 
(Fig. 5.1C). This could be due to stable, controlled conditions in the bioreactor in 
comparison to the conditions prevalent in shaking flasks for inoculum development. 
During the first 8 h of the fed-batch phase, the YPX value remained around 6.7-8.7 mgg-
1
, which corresponded to the highest values during the process (Fig. 5.1C). This is 
probably an effect of the controlled low growth rate in the fed-batch, which has been 
shown to positively affect the plasmid content on DH5α cells [O’Kennedy et. al., 2003]. 
However, during the last 9 h, the specific plasmid content steadily decreased to 3.1 mgg-
1
 at the end of the process (Fig. 5.1C). When analyzing the agarose gels by 
densitometry, it was found that most of the plasmid was produced as multimer, as 
evidenced by the positions of the bands relative to the linear DNA ladder. The bands of 
pDNA were also compared to a supercoiled DNA ladder (Sigma-Aldrich, Saint Louis 
Missouri, USA), and their position indicated a molecular weight of around 16 kb (data 
not shown). This heavy topological form represented more than 90 % of the plasmid 
during the batch and the first 8 h of the fed-batch phase (Fig. 5.1C). During the last 9 h 
of the process, the percentage present of this topological form decreased to around 87 % 
(Fig. 5.1C).  
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Fig. 5.2: (A) Time course of biomass and pDNA accumulation, (B) OTR and overpressure in 
the bioreactor and (C) specific plasmid content (YXP) and % of multimeric plasmid in the pilot-
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scale cultivation using overpressure. Vertical dotted line indicates the transition from batch to 
fed-batch operation. 
 
Fig. 5.2 shows the time course of the cultivation in the pressurized bioreactor. The 
behaviour in the batch phase was similar to the small-scale experiments, except that a 
shorter lag phase was seen during the first 2 h (Fig. 5.2A).  Fed-batch was started 
around 10 h of process time, and the cells grew at a specific growth rate of ca. 0.15 h-1. 
The production of pDNA was nearly parallel to the biomass accumulation, except for a 
decrease on plasmid concentration on the last two hours of the process (Fig. 5.2A). 
When glucose feeding was started, the oxygen demand required an overpressure of 3 
bar to sustain a DOT level of at least 30 %, which promoted an OTR of 0.063 molL-1h-1 
(Fig. 5.2B). As the cultivation progressed, the bioreactor overpressure had to be 
increased. The maximum OTR of approx. 0.6 molL-1h-1 was reached by the end of the 
process (Fig. 5.2B). There was no glucose accumulation or acetate production during 
the fed-batch phase. As in the small-scale cultivation, the specific plasmid content of the 
cells (YXP) was rather low at the beginning of the batch phase (1 mgg-1), but 
significantly increased to 4.3 mgg-1 at the start of the fed-batch phase (Fig. 5.2C). The 
value of YXP remained around 4.2-3.2 mgg-1 until 25 h of the process, and then it 
decreased to finally reach a value of 2.7 mgg-1 at the end of the cultivation (Fig. 5.2B). 
The plasmid topology was very stable. At the beginning of the cultivation, plasmid 
DNA was 93 % in multimeric isoform, with a slight increase over the first 5.6 h to reach 
a maximum content of multimeric plasmid of 95 %. During the rest of the process, this 
isoform amounted 88-94 % of total pDNA (Fig. 5.2C).  
 
Table 5.1: Comparison of the main process parameters using oxygen-enriched air or 
overpressure. 
 
 Gas-Blending Overpressure 
Final biomass concentration [gL-1] 74 79 
max. pDNA-concentration [mgL-1] 235 215 
Final YXP [mgg-1] 3.1 2.7 
Overall productivity [mgL-1h-1] 7.16 6.83 
Final multimere [%] 87.9 89.1 
OTRmax [molL-1h-1] 0.6 0.42 
max. oxygen in inlet gas [%] 68.3 ------- 
max. overpresseure ------- 8 
 
 
                                                                                                                              Page 96 
By comparing the result of both cultivation strategies, it can be seen that the results are 
globally equivalent. Table 1 shows the main parameters obtained with both cultivations. 
Biomass reached a very similar concentration in both processes. Also, the amount of 
pDNA vaccine produced was practically the same in the gas-blending and pressurized 
cultivations. Despite the fact that the specific plasmid content was higher during the 
first hours of the fed-batch process in the gas blending cultivation compared to the 
pressurized process, the final YXP was very similar for both strategies, which in turn 
resulted in very similar global productivities (Table 5.1). Regarding the plasmid DNA 
topology, in both experiments the multimeric isoform was prevalent, being nearly 90 % 
of the total pDNA in both cases. The production of this heavy isoform could be 
attributed to the selected transformed clone, and not to the process characteristics, as 
experiments on shaking flasks also yielded similar results (data not shown). The 
production of multimers could be advantageous since it has been shown that mouse 
fibroblasts transfected with pDNA in form of multimers produced significantly more of 
the plasmid-encoded protein than in control experiments using monomeric pDNA 
[Lehay et. al., 1997]. In fact, some authors have made efforts to obtain clones able to 
produce dimers, trimers and tetramers of a plasmid [Voß et. al., 2003].  
 
To reach an OTR value of 0.42 mol L-1 h-1, it was necessary to enrich the air to a 
content of 68.3 % of O2 (Table 5.1). This is more than three-fold the amount of oxygen 
present in air. Castan et. al. [2002], reported the use of a gas blend containing 40 % O2 
to maintain aerobic conditions in recombinant E. coli cultivations. These authors 
reported that the biomass yield on glucose and specific growth rate in batch mode were 
not affected and only slightly higher amount of acetate were produced, compared to a 
fermentation supplied with pure air. In the here presented experiment, the oxygen 
concentration in the inlet gas was higher than the reported by Castan et. al. [2002], and 
no acetate or other organic acid was accumulated. This is a good indicator that, if there 
were any physiological stress due to the oxygen content in the gas, the effect at the level 
of overflow metabolism was not relevant. On the other hand, there was no accumulation 
of glucose in the medium and the specific growth rate was practically the programmed 
for the feeding profile, which is also a good indicator that no relevant metabolic 
deviations occurred, as the supplied carbon was effectively incorporated into biomass. 
However, this situation could change if gas-blending is applied in large bioreactors, as it 
is well known that environmental gradients can occur at the large-scale [Palomares et 
al., 2010]. If zones with high oxygen concentrations in a bioreactor developed, 
oxidative stress may be triggered in E. coli [Konz et. al., 1998] which can result even in 
incorrect translation of mRNA or protein misfolding [Ling and Söll, 2010]. Therefore, 
possible physiological effect of the use of gas blending or pure oxygen for scaling-up E. 
coli cultivations should be considered. In the case of pressurized cultivations, the 
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overpressure increased up to 8 bar in the bioreactor (Table 5.1, Fig. 5.2B), and since no 
accumulation or by-products or glucose was observed, and the growth rate was nearly 
the same than the set for the process, it can be considered that stress responses were not 
relevant for E. coli at this pressure. Due to the solubility of CO2 in water, pressurized 
cultivations could lead to relatively high amounts of dissolved CO2, which can be 
detrimental in E. coli cultivations [Baez et. al., 2009]. However, no major metabolic 
deviations were observed in our experiments, at least at macroscopic level. Further 
research will be necessary to elucidate whether dissolved CO2 at larger scales or higher 
over-pressures can trigger stress responses in E. coli. 
 
5.4 Conclusion 
 
Pressurization of the bioreactor at semi-technical scale was a good option to maintain 
aerobic conditions in E. coli cultivations for a pDNA vaccine production. There were no 
important changes in the cultivation performance or in the pDNA topology, compared 
to a small-scale cultivation using oxygen-enriched air. Therefore, the cultivation under 
pressure is a valuable tool for scaling-up and operating such kind of processes. 
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Conclusion 
 
In this work different recombinant microorganisms (bacteria and yeast strains) were 
basically cultivated in a pressurized, pilot-scale bioreactor to high cell density. For batch 
and fed-batch processes it could be shown that increasing the head-space pressure in 
stirred bioreactors can be a practicable approach to provide the oxygen demand of 
extremely high cell-density cultures. 
 
A sensitivity analysis of the parameters YX/S, mS, cXF and tF used in an open-loop 
feeding strategy aiming at a constant specific growth rate was performed. It could be 
shown that even small variations in individual numerical values in the range of ± 10 % 
prolong the time in which the organisms are not C-source limited or prolong the time to 
reach constant specific growth rate by up to a maximum of 20 h for fermentations 
lasting for 30 h. These calculations are focussed of fast growing microorganisms like E. 
coli. Therefore, this study highlights the importance of selecting accurate numerical 
parameter values which are required before starting the exponentially increasing feeding 
profiles to reach high cell densities. Ultimately, this study identifies parameters which 
have to be carefully selected to optimize the time in which growth is indeed C-source 
limited as well as to maximize the specific productivity by applying the optimal 
constant specific growth rate in fed-batch fermentations. 
 
Using a genetically engineered E. coli strain for high cell-density fermentations in batch 
mode, the acetate concentration did not exceed values of 0.35 gL−1, even when the 
cultivation was initiated with a glucose concentration of 130 gL−1. Thus, a maximum 
biomass concentration of 48 gL−1 dry cell weight and a maximum space-time yield of 
2.10 gL−1h−1 could be reached. Upon applying a pressurized bioreactor, fully aerobic 
conditions at comparatively low values for specific power input (3–4 kWm−3) could be 
achieved for different batch fermentations over the entire cultivation time. Significantly, 
all cultivations showed unlimited growth until the respective amount of carbon source 
was completely depleted. Consequentially, the OTRmax value (451 mmolL−1h−1) attained 
in this study, represents, to our knowledge, the highest microbial respiration ever 
detected within a batch cultivation. By combining the genetically engineered E. coli 
strain with batch fermentations under pressurized conditions, acetate accumulation can 
be prevented by neither using additional control schemes nor expensive supplementary 
equipment.  
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By using E. coli and A. adeninivorans in fed-batch mode in this pressurized stirred tank 
reactor on technical scale, it has been shown that there is a clear linear correlation 
between electrical capacitance and biomass concentration up to 85 gL-1 and 174 gL−1 
dry cell weight, respectively. Presumably, this linear correlation is attributed to the 
continuous growth of the strains in fed-batch mode by applying a feed profile resulting 
in a constant specific growth rate. In addition, the viability of the cultures has been 
validated besides the capacitance measurements by online OTR-measurements. To our 
knowledge, the data illustrated in this study represent the highest biomass concentration 
ever detected online with the capacitance technique. Furthermore, the highest OTR of 
0.984 molL−1h−1 in bacterial and 0.56 molL−1h−1 in yeast fermentations could be shown 
in this work.  
 
Pressurization of the bioreactor at semi-technical scale was also a good option to 
maintain aerobic conditions in E. coli cultivations for a pDNA vaccine production. 
There were no important changes in the cultivation performance or in the pDNA 
topology, compared to a small-scale cultivation using oxygen-enriched air. Therefore, 
the cultivation under pressure is a valuable tool for scaling-up and operating such kind 
of processes. 
 
Consequently, for reaching unusual high amounts of biomass or product, process 
strategies for high cell-density under increased head-space pressure could lead to a 
minimized bioreactor capacity utilization or minimized bioreactor size. 
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